Catalytic oxidation of o-xylene by Ellis, Stuart Nigel
THE CATALYTIC OXIDATION OF O-XYLENE 
by 
Stuart Nigel Ellis, B.Sc. 
/ 
Thesis submitted for degree of 
Doctor of Philosophy 
UNIVERSITY OF EDINBURGH 
October 1972 
ACKNOWLEDGEMENTS 
The author would like to express his sincere thanks to 
his supervisor, Professor F.H. Calderbank, for his 
guidance and encouragement during this project and to 
Dr. L. Caldwell for his introduction of the author to 
the project. 
U 
Thanks are also due to Mr. Ketchin and his Technical 
Staff, in particular Mr. G. Campbell, who built and 
maintained the experimental equipment. 
Finally thanks are due to the Science Research Council 
for their financial assistance over the 3 years duration 
of the project. ILL 
CONTENTS 
ACKNOWLEDGEMENTS 
SYNOPSIS 	 1 
CHAPTER 1 	 Industrial Review; Kinetic Review; 	1 
Reaction Models, and Mechanisms; 
Object of 3tudy. 
CHAPTER 2 	 A Mathematical Model of the Fixed 	25 
Bed CatalyticReactor; Method of 
Solution of the Mathematical Model; 
Decision on Physical and Chemical 
Parameters pertinent to th system 
to be Modelled. 
CHAPTER 3 	 Experimental Apoaratus and Frocedures 54 
-Existing Apparatus; Development 
of Improved Product Analysis; 
Further Modifications; Experimental 
Procedures. 
CHAPTER 4 	 Experimental Results and DiscussiOn- 75 
Homogeneous o-xylerie Combustion; 
Conversion and Selectivity as a 
Fu:iction of CatalystEed Depth and 
Fluid Bed temperature; Determin-
ation of o-xyln Disapiearaflcc 
Rates using Diluted Catalyst Beds; 
The Performance of the Diluted Beds 
at High Fluid Zed Temperatures; 
The Performance of the 5 cm diameter 
Fixed Bed Reactor; Further Studies 
of o-xylene Oxidation in a CSTR. 
Page 
CHI\FTER 5 Further Modelling of the Fixed Bed 116 
Reactor - Implications of the 
Fixed Bed Experimental Data; 
Combination of Calderbank's Data 
with Fixed Bed Observations; The 
Low Activation Energy Rate 
Determining Step. 
CHAPTER 6 Conclusions and Recommendations 128 
for Future Work. 
APPENDIX 1 Evaluation of the Roots of a Non- 133 
Linear. ..Function by the Method of 
Regul.&-FalSi. 
APPENDIX 2 Application of the Method of Finite 136 
Differences and the Use of the 
Thomas Algorithm. 
APPENDIX 3 Computer Listing for 1-D Plug 
145 
Flow Reactor Model. 
APPENDIX 4 Treatment of Boundary Conditions 
147 
for the l-D Axial Dispersion Model 
APPENDIX 5 Heats of Reaction 
149 
APPENDIX 6 The Mass Balance 
150 






Initial attempts to predict the performance of a large 
experimental fixed bed reactor,employing an American 
type vanadium pentoxide catalyst for the air oxidation 
of o-xylene,were unsuccessful using kinetic data 
(extro1atec1 where necessary) present in the literature. 
The kinetic data were shown to be the significant 
cause of the discrepancies between predicted and 
observed performance. 
Using a 2.5 cm diameter stainless steel reactor packed 
with 0.63 cm diameter catalyst pellets, product 
distribution and selectivity levels were determined for 
a range of bed depths and cooling bath temperatures. A 
standard feed of approximately 1 mole o-xylene in air 
(34 litres/minute) was used. Approximate axial 
conversion profiles were determined allowing a kinetic 
scheme to be decided. The maximum selectivity to 
useful hydrocarbon is approximately 80 mole ; to 
phthalic anhydride 70 mole 3. The selectivities were 
virtually independent of temperature. 
xtrome conditions of operation were explored and the 
phthalic anhydride showed itself remarkably resistant 
to catalytic oxidation. Deactivation of the catalyst 
in the region of the hotspot occurred using a 1.5 mole 
3 o-.xylene in air feed. 
1 
11 
Recycling the cooled tailed gas of the fixed bed reactor 
resulted in an overall lowering of the reactor temperature 
profile. 	it was postulated that this may be due to 
occupation of active sites of the catalyst by an 
unidentified inhibiting compcnent of the tail gas. 
A kinetic evaluation of the catalyst using near iso-
thermal diluted catalyst beds over a temperature range 
375°C -. 4650C and inlet o-xyleno partial pressure range 
0.0014 - 0,012 atm demonstrated a change in the 
activation energy of the rate determining step of 
o-xylene disappearance at approximately 440°C. 
Inhibition of the first order react- ion rate, presumed to be 
by o-xylene, occurred over the range of inlet partial 
pressure investigated. 
Diluted bed runs performed at cooling "oath temperatures 
greater than 4500C resulted in a decrease in the 
selectivity to phthalic anhydride from 70 mole 3 to 
60 mole %. 
The performance of a 5.1 cm diameter reactor was examined 
and found to be inferior to that of the 25 cm diameter 
reactor. 	In the former case, in oror to restrict 
reaction tem.eratures to within the limits of the 
experimental system and the catalyst s either a 0.5 mole 
feed (where normal sciectivities were obtained) or a 
diluted bed using a 1 mole feed was necessary. 
iii 
A drop in the selectivity to phthalic anhydride at the 
higher cooling bath temperature (>430°C) was observed 
under the latter conditions. 
Subsequent attempts to model the fixed bed reactor using 
kinetic data obtained by Calderbank resulted in reasonable 
predictions of system performance if Hughes and Adam's 
phthalic anhydride combustion rates were also used. 
The important features of th3 data are the low activation 
energies of the ir2diViduai steps of the reaction scheme, 
except for phthalic anhydride combustiOfl,afld the absence 
of significant phthalic anhydride combustion over the 
operating temperature range of the fixed bed. 	It was 
found that a simple one dimensional homogeneous plug 
flow mode].is sufficient to describe adequately the 
system under normal operating conditions. 
CHAPTER 1. 
1.1 INDUSTRIAL REVIEW 
	 1 . 
Hydrocarbon oxidation leads to many important organic inter-
mediates, whose further syntheses result in diverse materials 
necessary in the modern world. The catalytic air oxidation 
of o-xylene to phthalic anhydride over vanadium pentoxide is 
one of these many processes, the main end-uses [l] of phthalic 
anhydride being in the manufacture of plasticisers (52%), 
alkyd resins (25916), polyester resins (15%) and dyes, pigments 
etc (.8%). 
World production of phthalic anhydride has been quoted [i]  
as riing from 700,000 tpa in 1960 to 1.3 million tpa in 
1969, with a predicted demand [2]Of 1.8 million tpa in 1975. 
The technology has developed frdm the liquid phase oxidation 
of napthalene using chronic or nitric acid [2] (middlenine-
teenth century) to the present day catalytic vapour phase 
oxidation processes. 0-xylene is becoming increasingly the 
favoured feedstock since naphthalene production, from either 
coal tar or petro1eim, is not increasing in step with the 
phthalic an1ydride growth rate 
[2]  of 7 - 1076 p.a..(1969). 
There is also a. price differential 12]favouring oxylene as 
the raw material. In 1969, forty percent of all phthalic 
anhydride plants used o-xylene, the percentage increasing 
as new plants are commissioned. 
The fixed bed processes are classified according to the 
catalyst used - the German and the American types, the 
original patentj 10,11] appearing in 1916 and 1918 respectively 
2. 
For o-xylene oxidation, the German version - doped vanadium 
pentoxide dispersed on a silica support - is a mild catalyst 
employing a low space velocity 
f4j (1000 - 4000 hr _l) and 
low temperature 	(300 - 4000 C) compared with its American 
counterpart with space velocities in the region [4] of 8000 
-1 	 [2] 	 o 
hour 	and temperatures 	500 - 6000C.* A carborundum or 
alundum support is normally typical. 
With the German catalyst giving greater yields [1,3] (69 - 
75 mole %) than the American catalyst [3] (60 - 70 mole %) 
andraw materials costs representing 50 - 70% of total 
21 
production costs [1, 
	, the higher selectivity process is 
the choice for new plants, even with its lower space time 
yield. The lower bed temperatures of the German process 
afford easier reactor control. 
0 
The von Heydn and Badische Anilin Und Soda Fabrik 
are typical low space velocity processes based on the 
21 
German catalyst L 
1 	• A yield of 80 mole % has been 
reported [1 for one of the BASF catalysts promoted with 
Ti02 . 
Fluid bed processes have so far only been successful with 
naphthalene as feedstock and in 1967 accounted for 2075 of 
world phthalic anhydride production figures [2] • Sherwin 
Williams developed the first fluid bed process [4] and an 
improved attrition resistant catalyst was developed by 
United Coke and Chemicals [2] Some problems were exper- 
ienced with the sulphur content of the naphthalene feedstock 
1 
3. 
but using petroleum naphthalene, 87 mole % yields could be 
obtained. Further reviews [5,2] comment on the sulphur content 
of coal tar naphthalene causing a fall off in reactor perform-
ance. Normal fluid bed performance 
[8] gives yields of 76 - 
82 mole %. 
The general trend is towards the low space velocity process 
even though theoretically [5,8:1 the fluid bed process appears 
to have many advantages over the fixed bed process. 
Some effort [4,2,9,7) has been made to produce a dual feed-
stock catalyst which will perform with no subsequent loss in 
performance using either oxylene or naphthalene (petroleum 
based) in the different reactor modes whilst uncertainty of 
supplies of the individual feedstocks exists [2] This is 
due to complicated supply/demand situations although trends 
suggest that both phthalic anhydride and o-xylene will become 
surplus to requirements [ 3839 ) a situation which is becoming 
apparent. 
A liquid phase process [3 1 has been developed by Progil, 
of France. Air is bubbled through o-xylene dissolved in 
acetic acid in the presence of a cobalt acetate catalyst 
promoted with a metal bromide. Reaction. conditions are 100-
275° C and 100 atmospheres with yields approaching 90 mole % 
being reported. 
1,2 KINETIC REVIEW 
Both the American and German type of catalyst appear to be 
4 . 
well represented in the kinetic work appearing in the liter-
ature. Only one of the few kinetic schemes reported which 
include the formation of intermediates of large percentage 
products (phthalic anhydride and carbon oxides) report their 
respective kinetic parameters. The majority of workers simply 
report on o-xylenc disappearance rate plus selectivity data. 
Yields of phthalic anhydride fall within the range 50 - 70 
mole %, approaching typical industrial values. 
The most comprehensive set of kinetic parameters was reported 
by Novella and Bennloch [12,13,14]• 
	They found o-tolualdehyde 1 
maleic anhydride and phthalic anhydride exhibiting maxima 
indicating their further oxidation. The integral data was 
analysed assuming plug flow behaviour of their fluid bed 
reactor. With the individual steps first order in hydro-
carbon, zero order in oxygen, the below kinetic scheme was 
postulated. 
o-tolualdehyde 	> Phthalic Anhydride 
o -xy len e 
maleic anhydride 	 ) co/C0 
More than 20 mole % of the o-xylene appeared as o-tolual-
dehyde at their higher temperatures and shorter contact times, 
370°C and <4 secs.respectively. 
Bernadini and Ramacchi [15 'oxidised several plausible 
intermediates of o-xylene oxidation and concluded that the 
"difficult" step was the first step when xylene suffers its 
first oxidative attack. Using a laboratory prepared vanadium 
5. 
pentoxide on carborunduin catalyst in a fixed bed, they 
oxidised in turn o-xylene,o-methylbenzyl alcohol, 
o-tolualdehyde, o-Thiuic acid,phthalide and phthalic 
anhydride. 0-tolualdehyde, o-toluic acid and phthalide 
all gave stoichiometric yields of phthalic anhydride 
greater than 87 mole % whilst under same conditions, 
o-methylbenzyl alcohol yielded 70 mole % and o-xylene 
65 mole %. Since o-xnethylbenzyl alcohol was not isolated 
during o-xylene oxidation, its disappearance rate was 
assumed very fast. 
A simplified version of their kinetic scheme is given 
below, the absence of kinetic data being due presumably 
to large over-temperatures within the bed. 
Kinetic Scheme: 











 , studying o-methylberzzyl alcohol oxidation, 
concluded that at low temperatures 
( 
<3800C) o-tolualdehyde 
was the main product. The maleic anhydride, originating in 
the main from o-methylbenzyl alcohol, was proposed as inter-
mediate to complete combustion at low temperatures; at high 
temperatures, direct oxidation became competitive. 
22 
The complete scheme is detailed below : 
Kinetic Scheme: 











A selectivity diagram was included and kinetic data for 
o-methyl benzyl alcohol disapparae was reported. 
Vrbaski and Matthews 17]  also studied the oxidation of 
o-tolualdehyd.e to clarify its role in the previous scheme. 
The kinetic scheme decided was exactly that for o-methyl 
benzyl alcohol, with o-toluaidchyde replacing the former. 
Again only the rate of tolualdehyde disappearance was 
correlated from the data. 
Dixon and Longfield 
118j 
 reported unpublished work of 
Simard and proposed the following scheme following his 
low o-xylene conversion (< 25%) studies 
o-xylene-----,o-tolua1dehyde 	phthalic anhydride 
> maleic anhydride 
- carbon oxides 
Under normal conditions (400°C - 500°C) the phthalic 
7. 
anhydride appeared to be stable to further oxidation but 
with "severe" conditions the phthalic anhydride could be 
combusted. 0-tolualdehyde yields varied from 10 - 40 
mole %. Only reaction orders of individual steps were 
reported. 
Herten and Froment 	include a selectivity diagram in 
their report on o-xylene oxidation and conclude that 
phthalic anhydride decomposition was proved to occur at 
"excessive residence times". Various rate models for 
o-xylene disappearance were examined and their kinetic scheme 
was as follows : 
Ii 	 4, 
o-xylene ) o-tolualdehyde ) phthalide —phthalic anhydride _	
I ) carbon oxides 
Carra and Beltrame[ 203 found only traces of o-tolualdehyde 
and concluded their data to be represented by the scheme below, 
with no o-xylene combustion. 
o-xylene - phthalic anhydride 	) carbon oxides 
I 	) maiei'k anhydride 
The parallel steps are considered as single steps for the 
purposes of reporting kinetic parameters. 
Aliev 	, however, reported nophthalic anhydride combustion 
but included xylene direct oxidation. 
o-xylene ------- phthalic anhydride 
I L___ 	m1eic anhydride 
L- 	 -) carbon oxides 
8 . 
) Canadian workers [22 '  23, 24 	have studied the oxidation of 
[25,26] several aromatic hydrocarbons, including o-xylene 
Using a differential fixed bed, they concerned themselves 
mainly with correlating their hydrocarbon disappearance rate 
using a heterogeneous rate model to demonstrate there was a 
common step to all hydrocarbon oxidation reactions. 
American workers, Hughes and Adams [30]  and Russian workers , 
loffe and Sherman [311  studied the important phthalic 
anhydride combustion step. The former derived a heterogeneous 
rate model to describe the phthalic anhydride - disappearance 
rate,whereas the latter assumed a first order reaction in 
phthalic anhydride and correlated their data accordingly. 
Both postulate direct combustion to carbon oxides and 
partial oxidation to maleic anhydride. 
Previous work in this Department on o-xylene oxidation 
highlighted the susceptibility of phthalic anhydride to 
homogeneous combustion if given sufficient residence time. 
[34] 	 [35] Watt 	, using a spinning catalyst basket reactor 
could only report o-xylene disappearance rtes since his 
selectivity data was masked by homogeneous product combustion. 
r 361 Earlier Caldwell L 	,following theoretical work on catalyst 
dilution [37],  found a selectivity to desired product of 
65 mole %i independent of process variables above a certain 
reactor ignition temperature. He therefore concluded a 
parallel scheme for o-xylene disappearance to phthalic 
anhydride and carbon oxides to explain his results. 
9 . 
o-xylene 	> Phthalic anhydride 
—> Carbon oxides 
However no information concerning intermediates was discern-
able due to the "infinite" catalyst bed depth of the 2.5 cm. 
diameter reactor used in the study. 
In conclusion, Froment 
[32] 
 presents kinetic data for a 
triangular scheme which he says is fairly representative of 
the gas phase oxidation of o-xylene over vanadium pentoxide. 
o-.xylene 	> Phthalic anhydride 
N 
Carbon oxides 
Table 1 lists the various kinetic parameters for the indiv-
idual reaction steps reported and Figure 1 displays the rate 
data for the more comprehensive kinetic schemes. 
Excluding Aliev and Novella and Bennioch who report activ-
ation energies of approximately 15 k.cal/mole, the activation 
energy for o-xylene disappearance appears to be in the range 
20 - 25 k.cal/mole. 	Abo E40  et al report values of 4 - 10 
k.cal/mole, suggestive of a physical rate controlling step. 
Carra et at, Simard , Aliev and Vrbaski report one or more 
steps in their kinetic schemes to be of lower order than one 
in hydrocarbon, Simard's data exhibiting half order in 
oxygen. Oxygen dependenancy was generally accommodated by 
heterogeneous rate models, discussed later. 
The phthalic anhydride combustion step which ultimately 
TOLE I 
WORKER 	TEMPERATURE 	CATALYST 	STEP 	ORDER 
02 Aromatic 
Novella an12]  310-370°C V205/K2SO4/Si02 X.4T 0 1 
Bennioch 
x--,c/0 0 	1 
X-NA 0 	1 
T-+PA 0 	1 
T-4C/0 0 	1 
PA C/o 0 	1 
MA C/o 0 	1 
Vrbaski 1 ' 	300-350 	fused. 	V205 	0MBA—PROD 
it 	 If 	 If 
	
LI 
RATE LW CONSTANTS 
= k P1 8=10.94 mole 




r 	k PX 8=6078 
E=5..40 
r = k P T S=13.50 E--1l.35 




P14A  8=17656 
F=1 8,00 
kkCC 
S =16 75 





TABLE I (cont.) 
WORKER 	TEMPERATURE CATALYST STEP ORDER RATE LAW CONSTANTS 
2 lXOlflStiC 
Vrbaski and 0MBA—)PD 0 	0.48 id' 48 r = 	OMBA S=9.kinoles"  48 
Matthews hr koàt aft 
E=2O00 
OMBA -p TOL 0 	0.37 r = kIP-37 8=16 • 2kmoles' 
.37  hr kgcat 
E=30. 00 
171 Vrbaski and[ 
Matthews 	370-415 fused V205 TOL-9PROD 0 	0.97 r = k9" 97 S=13.7kinole/ 
TOL hr kécat atm° ' 97 
E=24.80 
kkCC a r o' R r 
k C +Ik c ao 	rrhrkgatatm 
E -2710 
4=15.57 
Simard[18] 	400-500°C V205/S1C X-T 0. 5 	I 
X-PA ' 0.5 0 
X-MA 0.5 	0 
X-,C/0 05 0 
T-IPA 05 	1 
PL-IU. 05. ? 
MA-9C/0 0.5 	? 
V205/K28041 X + PROD 
S102 
V2O/SiC 	PA —PROD 
V208/K2SO4/ 	PA PROD 	0 	1 
Si02 	MA -4 0/0 0 1 





Hughes and[301 	497_575 
Adams 
loffe and[31] 	350-480 
Sherman 
WORKER 
Mann and [25]  
Downie 
TABLE I (cont.) 




k k C C o R a r 
k c 	c S =4.14 kmole/ ao rr h°kôatatm 
B =8.7 kcal/ 
ko1e 
S =16.1 1no1e/br 
kcatabn 0 
B =23.00 kãl/ 
ko1e 
k k C C aroR 




Tilp B -llkcal/niole E=-33 kcal/mole 
r = kP S=6.45 lanole/br 
PA 
r = kP  kgcaatm 
MA E=26.0O 
S= 
E=1 0. 50 
Carra and [201 	380-4200C 
B].trarne 
V203/S102 	X -*PA/IiA 0.5 
PA/NA-C/0 0 	1 
TABLE I (cont.) 
RATE tiw 	CONSTANTS 
k  
1' 1+k00 	S =13.02 ko1es/ Soo 	atiLkcat 
ER=16o3 "kCa1/kmo 
k=k/tc(PB) tm 	S =10.77 kcal/ImoJe  
J3=3 	 ?653.6O ko1es/ ,rn=1, hr atm0 kgcat 
0. r=kP 5 	E=3000 
5=14.8 kmoleg/ 
hr kgcat atm 
r = 	E=31.6 
[Contact time 5 
secsuit cat 188 gq 
r = kP 	5=7.66 kginoles/ 
hr kcát atm 
5.30 





r = kP 	S=8.I kgmoles/ 
hr kcat atm 
B=17.20 
WORKER 	TEMPERATURE 	CATALYST 	STEP 
Herten and[19]  325-4020C V205/5i02 doped. 	X--)PROD 
Froment 
ORDER 
02 Amatic  
Aliev 	380-420°C 
	
K033 	X—PA 	0 	1 
X MA 	0 	0.5 
X-C/O 	0 	1 
TABLE I 	(cont.) 
WORKER TEMPERATURE 	CATALYST STEP ORDER 
0Aromatic 
watC 34 1 390450 	Promoted v2%/ X—PROD 0 	1 
sic 
proment[ 32 ] 350-400 	Synthetic 0 	t 
Kinetics 
	
x—,c/o 	0 	1 
PA—C/0 	o 1 
BATE LAW 	CONSTANTS 
r = kPX 8=17.97 kmoles/ 
kgcat hr al2n 
3=26-30 
r 	kPjP02 8=19.84 kmolil 
hrkgat atm,atm 
E=27.00 kca/ 	02 
kniole 
r = 
	XI'02 S=1897 E=28.60 







C. 0 fl\ ( c. 9,1 So N 
pc 
+0 p ~111~ - 
V+4- 
5 0 -P 
-r 
10. 
influences the maximum attainable selectivity has not 
received much attention. However the data available 
illustrates combustion of phthalic anhydride over the un-
promoted vanadia to be more than one order of magnitude 
lower than over the promoted German type of catalyst. 
The data on the whole appears to have been obtained in a 
low temperature range (300 - 450°C). Obviously the higher 
the temperature the larger the possible influence of mass 
and heat transfer effects on the measured rate. Use of the 
spinning catalyst basket reactor allows higher temperature 
regions to be explored, of paramount importance if data 
extrapolation for mathematical modelling of reactor systems 
is to be avoided. 
Unfortunately in dealing with what appears to be a complex 
reaction scheme with several intermediates undergoing 
consecutive and parallel reactions it is an extremely 
difficult task to obtain a set of reliable kinetic para-
meters. Studying the individual steps has the disadvantage 
of possibly eliminating interaction between precursors. 
1.3 REACTION MODELS AND MECHANISMS 
Heterogeneous reaction models attempting to accommodate 
some of the processes that occur during the catalytic 
oxidation fall into two main classes - the first type 
postulate the use of lattice oxygen, the second the use 
of adsorbed gas phase oxygen. A third hybrid model,combining 
features of the other two has also been discussed and is 
considered later. 
11. 
The familiar tRedoxt model, proposed by Mars and van 
Krevelen [27] , assumes the following reactions occur : 
aromatic compound + oxidised catalyst 
oxidation products + reduced catalyst 
reduced catalyst + oxygen 	> oxidised catalyst. 
Thus the model invokes reaction between lattice oxygen and 
hydrocarbon, rapid desorption of oxidation products and 
reoxidation of catalyst by gas phase oxygen. The resulting 
reaction rate model is : 
r = Ic2 P02 k  
k2 P02 
/3 - stoichiometric number of oxygen molecules required for 
reaction of one hydrocarbon molecule. 
Support for the model was reported [27]to  have been found 
experimentally by oxidising benzene, naphthalene and anthra-
cene over vanadium pentoxide The value of k2 , the oxidation 
of catalyst rate constant, was found to be identical for each 
aromatic. The model has also been applied to methanol [62)  
34] and o-xylene [19, oxidation. 
A model suggesting a surface reaction between adsorbed hydro-
carbon and adsorbed (gas phase) oxygen was proposed 
[22] 
 as 
the steady state adsorption model (SSAM). The model form is 
identical to the ?Redoxv model, with the reoxidation constant 
being replaced by the oxygen adsorption rate constant. The 
model has been applied to several hydrocarbon oxidations 
including 	
26] 
-', o-xylene 	. With similar adsorption 
12. 
constants being predicted for different hydrocarbons, the 
model is reported to have been supported experimentally. 
Hughes and Adams [301 proposed a model similar to the 
'Redox' model in which hydrocarbon is adsorbed, possibly 
reversibly, on an oxidised site. Rapid chemical reaction 
occurs and the oxidised hydrocarbon is desorbed, leaving 
a reduced site. Rapid reoxidation of the site then occurs. 
The resulting model may be written in the form : 
r = A 
l+B 
p 
Two limiting cases can be considered - 
Irreversible adsorption of hydrocarbon, with A equiva-
lent to the hydrocarbon adsorption rate constant and B 
equivalent to the ratio of hydrocarbon adsorption constant 
to oxidised hydrocarbon desorption constant. 
Equilibrium adsorption of hydrocarbon, with B equiva-
-lent to the hydrocarbon equilibrium adsorption constant, 
and A equivalent to the product of B and the oxidised hydro- 
[33) 	 [34] 
carbon desorption constant. Vrbaski 	and Watt 	have 
applied the model to their data and calculated further thermo-
dynamic constants. The derived constants for o-xylene [34]  
showed departures from those reported for phthalic anhydride 
and o-methyl benzylalcohol [33],  attributed to the 
o-xylene disappearance rate having a strong first order 
dependancy on o-xylene partial pressure. 
The Hughes Adams model can be considered as postulating the 
use of either lattice oxygen or adsorbed gas phase oxygen, 
13. 
although in the original paper lattice oxygen was considered 
in the derivation. 
Kinetic data cannot discriminate between either the Hughes 
Adams, S.S.A.M. or 'Redox' models since mathematically the 
models are identical. However, their form is a powerful 
one for data fitting since apparent reaction orders of zero 
varying through to one for both hydrocarbon and oxygen can 
be accommodated. 
One obvious question immediately arises - that of whether 
lattice oxygen or adsorbed gas phase oxygen participates in 
the surface reaction. 
Studies of the isotopic oxygen exchange over oxide catalysts 
including vanadium pentoxide [46] show that heterolytic 
exchange, as indicated below, does occur at temperatures 
above 440 0C. 
16 
o 	+ 2 	
_18 018o 	__ 	+ loo 18 ads. 
lattice 	 ads 	 lattice  
The activation energy of the process, approximately 45 k-cal/ 
mole over V2  O, suggests either oxygen dissociation or V - 0 
bond loosening. The latter was favoured [46] since the 
exchange was independent of oxygen. At lower temperatures 
homolytic exchange only occrs. 
Unfortunately the presence of a hydrocarbon complicates an 
already complex system. The chemisorptiorl of o-xylene 
involves the donation of an electron to the surface region 
of the catalyst [44] which increases the electron availability 




Simard 	and co-workers suggest that, since o-xylene 
oxidises to its normal catalytic oxidation products using 
pure nitrogen as the xylene carrier (at 463'C), under normal 
operating conditions with an air - o-xylene feed, o-xylene 
reacts with catalyst oxygen rather than gas phase oxygen. 
Vrbaski and Mathews 	]came to a similar conclusion follow- 
ing the same procedure with tolualdehyde at 4200C. However, 
the absence of a choice of oxygen source tends to invalidate 
their conclusions. 
Roiter [471, however., found that in the presence of hydro-
carbon, a vanadium catalyst doped with 18o  failed to exchange 
with gaseous oxygen below 450°C. For a naphthalenc/air feed 
at 320 - 390°C, the 18o  content of the catalyst was not 
reduced significantly after 30 hours. To counter arguments 
that under these conditions the lattice oxygen was not mobile 
44 Roiter first reduced the catalyst with naphthalene alone 
(-. products containing 18  0),then reoxidised thcata1yst 
16 	 18 with 0 and repeated the experiments. The 0 content of 
the products was the same. He concluded that the reaction 
mechanism in the presence of gaseous oxygen does not involve 
the oxygen of the lattice to any appreciable extent. 
Support for Roiter's conclusion comes from Odrin [48] et al 
who demonstrated the catalytic reaction for the naphthalene/ 
air system at 300 - 400 0C to be more than an order of 
magnitude larger than the oxidation - reduction rates of the 
catalyst. 
15. 
Two points must be noted here, namely : 
The abovework examining lattice oxygen involvement 
was carried out entirely over unpromoted catalysts. 
The American type catalyst operates at temperatures 
in excess of 4500C. 
There also appears to be disagreement over the most active 
and most selective oxide state of vanadium. Simard [ 43 ] 
et al report V2 0 and V 2 0 4.34  as being the active phases 
for o-xylene oxidation. However Volfson 49] etal found 
V204 , and to a lesser extent V6 013, to be the active 
components for naphthalene oxidation, vanadium pontoxide 
serving only as the starting material. 
Schaefer [50],  also, found V 0 1.99  the most selective and 
most active oxide for benzene oxidation, but for maleic 
anhydride oxidation no marked maximum in activity was 
found with catalyst of composition VO 2.50 	vol.99. 
Studying the effect of adding modifiers Mo 0 3 and Go 02 
to vanadium pentoxide catalyst for benzene oxidation, Butler 
and Weston 
[51] 
 found that by increasing the quasi-free 
electron concentration of the lattice using Mo 03 and achieving 
the reverse with Ge 02,. the activation energy for the benzene 
disappearance rate increased with the latter's addition and 
was insensitive to the former's addition. Thus the loss of 
quasi-free electrons, equivalent to a higher oxide state s 
gave further support for the lower oxide structures 
(V2  0434 , V2 04 ) being the more active. Selectivity was 
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found to be independent of the ratio of the phases. 
[52] 	 [41] 
Weiss 	et al and loffe 	et al came to the same 
conclusion concerning selectivity for benzene oxidation. 
However, Hughes and Adams [30]  suggested overreduction of 
a vanadium catalyst led to increased phthalic anhydride 
combustion. 
Strict adherence to one philosophy of catalytic oxidation, 
(of either total lattice oxygen involvement or total adsorbed 
oxygen involvement) would appear to be unjustified in the 
light of the evidence presented. If the redox model applies, 
the catalyst should exhibit an equilibrium phase composition 
dependent only on temperature and oxygen concentration. The 
return to equilibrium should be rapid but Simard [43] et al 
have detected a range of phases on examining the catalyst 
after catalytic use. It would therefore have to be postulated 
that the redox reactions of the catalyst, are slower than the 
overall chemical reaction rate (as suggested earlier). 
Similarly, the presence of a range of oxides invalidates 
the steady state adsorption model unless locally high 
temperatures are invoked to be responsible for a shift in 
equilibrium oxide structure. 
A combination of the two theories however would adequately 
explain these anomalies 
[53] 
IofIe 	expressed the view that the phase composition of an 
operating catalyst is completely determined by kinetic rather 
than thermodynamic parameters, since contact oxidation reactions 
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of organic compounds are practically irreversible. He 
considered a two-phase catalyst undergoing the following 
phase transitions : 
MO + 02 	)M02 
M02 + R 	)MO +RO 
and continued : 
Assuming the surface area of the phase MO  to be y, S 
and interface surface area to be 2 (1- ) S where I is 
fraction by weight of M02 in catalyst, then for the steady 
state : 
k1 01 (.Z ) f l  (R 	
= Ic2 2 	2 
	 (1) 
where index(1)refers to M0 2 , (2) to MO 
Functions 0 and f are determined by mechanisms governing 
the phase transformation. 
depends on whether the phase transformation occurs through 
the M02/MO interface or through the solid-gas interface i.e. 
diffusion of species through the bulk or direct cheniisorptiOn/ 
chemical reaction at the phase surface. 
Solution of (1) gives the fraction of the catalyst in the 
oxidised form. 
For the case where one of the phases is considerably more 
active, the general form of the kinetic equation for the 
overall reaction becomes : 
W = k I A Qb2 F1 (ER) + k'.F2(PR) + 0 
where Z A:  ratio of the amount of active phase to total 
amount of catalyst. 
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: ratio of the amount of oxidized phase to total amount 
of catalyst. 
Gb2 : Fraction of surface of active phase covered by oxygen. 
: partial pressure of reactant. 
k 	: rate constant for catalytic reaction. 
rate constant for the chemical oxidation of 
reactant by oxidized phase. 
Thus the first term of equation (2) refers to the reaction 
on the active phase, the second' to the reaction-on the 
oxidised phase and the third to the reaction on the non-
active phase, assumed zero. 
Thus if k is very small, reaction rate is determined 
purely by redox mechanism. 
Phase composition changes create additional complications 
in kinetics. 
Modifiers may be added to the catalyst to accelerate 
either one of oxidation or reduction of catalyst creating a 
new stationary 	of Z and altering accordingly the 
activity and selectivity. 
loffe 
[41) 
 et al successfully applied the. model in explaining 
a high reaction order with respect to oxygen at low partial 
pressure of oxygen for benzene oxidation. They proposed the 
catalysis occurred 3 in the main,using oxygen adsorbed on 
surface of V2 O5 a minor portion of the benzene being 
oxidized by lattice oxygen of V2 05 with the former oxidation 
rate being considerably greater than the latter. 
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Both Butler and Weston 	(discussed earlier) and Ioff 
et al 1081hav demonstrated point (3) above. Margolis 
similarly demonstrated that by the use of two main groups 
of impurities - acid anions of SO4 , P2 05 and alkali cations 
such as Na, K - an increase in the electron work function 
causing an increase in the activation energy for the 
generation of reaction products of propene oxidation over 
vanadium pentoxide,was achieved with the former. The 
latter gave a corresponding decrease in the electron work 
function and hence activation energy for product generation. 
The normal large concentration modifier of vanadium pentoxide 
catalyst for o-xylene oxidation and naphthalene oxidation 
is potassium sulphate. Duckworth [2] comments on the 
addition of modifiers to the highly active America type 
catalyst to slow down the reaction rate to prevent over-
oxidation in fluid beds. Rather it would seem that the 
catalysts were in fact activated, thus allowing their use 
at much lower operating temperatures to prevent phthalic 
anhydride combustion. It was commented earlier that the  
German type of catalyst (promoted) appears to be more active 
in phthalic anhydride combustion, but at the higher operating 
temperatures associated witn the America catalyst, homogeneous 
combustion of phthalic anhydride could occur 
[4] 
Saffer ,discussing the problems of using sulphur containing 
coal tar naphthalene as feedstock to fluid bed reactors 
quotes an optimum molar ratio for S 0 3 to K2 0 of 1.9-2.1 
as the modifier of the vanadium catalyst. Sulphur in the 
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feedstock was oxidised to SO  and was absorbed by the 
catalyst, thus destroying the optimum ratio and causing 
a lowering in selectivity. Wojtowicz 
1551 et al also 
comment. on the loss of activity of vanadia catalysts, due 
on this occasion to a drop in the characteristic acidity of 
fluid bed catalysts held at high temperatures for long 
periods of time. Additions of potassium pyrosuiphate 
overcame the problem and it was proposed that the K S2 07 
buffered the acidity of the catalyst by the reactions 
K2 2. 7 	K2 so  + so  
The role of the support of the vanadium catalysts has 
received little attention. Indian workers studied the 
effects of different supports and the presence of modifiers 
for vanadium pentoxide catalysts in both fixed (281  and
fluidised 
[29]  beds. They reported the overall performance 
of the various catalysts giving selectivities for high 
conversion levels. They concluded the most active catalyst 
examined for the conversion of o-xylene to phthalic 
anhydride was unpromoted fused vanadium pentoxide, giving a 
yield of 68 mole % under optimum conditions. 
The rate controlling steps in o-xylene oxidation are open 
to speculation. The electrical measurements of Clark and 
Berets 
[44]  andButler and Weston 
(51]  suggestthat the rate 
controlling step is availability of electrons at the surface 
for processes involving dissociation of oxygen. However, 
Simard [43]  et al measured the activation energy for 
electrical conduction in V2 	and V2 4.34  0 	and found it to .  
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be 7.6 k.cal and 0 k.cal respectively above 100 c, suggesting 
that electrons are readily available. 
The majority of the reported activation energies for o-xylene 
disappearance are approximately 25 k.cal/xnole, representative 
of chemical complex formation on the catalyst surface. The 
lower activation energies reported [12,21]  suggest chemisorption 
as being rate controlling. The heterogeneous rate models 
accommodate for a change in rate controlling mechanisms from 
chemical reaction to adsorption of cxygen or reoxidation of 
catalyst. 
From Bernadini and Ramacci's work it would appear that the 
Selectivity to phthalic anhydride is decided on the initial 
attack on the o-xylene molecule. Vrbaski and Mathews 161 
conclude that since o-xylene is less polar than o-methyl-
benzylalcohol, o-xylene is more susceptible to adsorption and 
hence attack at the aromatic nucleus leading to complete 
combustion products. They found selectivities to phthalic 
anhydride of 80% using o-niethylbenzyl alcohol as feed, 10 
points higher than normal selectivities with an o-xylene feed. 
Allen [60j  examining the geometries of o.-xylene, its oxidation 
products and the system of vanada oxides V2 0 - V2  0 4.34 1 
suggests that in a single adsorption there is only sufficient 
oxygen available at the Site for o-tolualdehyde formation. 
Mobility of oxygen ions through the surface layers was suggested 
as a necessary condition for further oxidised products to be 
formed without further desorption/adsorption. Thus at high 
reaction temperatures, diffusion of oxygen and/or hydrocarbon 
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could become rate controlling. Vrbaski 	et al suggest at 
low temperatures, a stepwise oxidation processusing adsorbed 
gas phase oxygen 9 occurs whereas under more seveiconditions 
direct oxidation occurs via lattice oxygen, achieved by point 
to point congruence between adsorbed molecule and lattice 
oxygen. 
At reaction temperatures, the promoted vanadia catalysts form 
a melt with the vanadium pentoxide dissolved in potassium sulphate. 
Satterfield and Loftus E 56]studied o-xylene oxidation in such 
a melt of eutectic composition (39% K 2 SO4 , 61% V2 05 by weight) 
at temperatures up to 6000C. With a nitrogen/o-xylene feed the 
major low conversion product was o-tolua].dehyde.With air/o-xylene 
feeds excessive homogeneous o-xylene combustion 	occurred. 
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Borescov ., studying the oxidation of sulphur dioxide over 
vanadium pentoxide proposed the following model for the involve-
ment of catalyst oxygen : 
so  + 2V 	+ 0 2- 	 + 2 v 	 (1) 
2V 	+ 2 02 	2v5 	
+ o2 	 . 	 (2) 
The reaction was assumed to occur in a liquid film on the catalyst 
surface, the limiting step (2) being realised by oxygen dissolution 
and diffusion in the liquid film. The diffusion coefficient was 
found to decrease rapidly as the temperature was lowered due to 
partial crystallisation of the melt. Increasing the K 2 0/v2 05 
ratio increased the activity at low temperatures due to decreasing 
[5 9] 
the viscosity and prevention of crystallisation. Hoiroyd and Kenney 
came to similar conclusions studying sulphur dioxide oxidation in 
melts of potassium pyrosuiphate and vanadium pentoxide. Borescov 
23. 
found a considerable variation in the activation energy for the 
overall process. Below 450°C, a value of 70 k.cal was found, 
presumed dependant on the K20/V205 ratio; between 450°C and 5600C 
a value of 20k.cal was found, increasing concentrations of V02 
being deemed responsible. Above 560 °C, a zero valued 
activation energy was explained by possible decomposition of the 
catalyst due to elimination of S03 • Livberg and Villadsen [61] 
similarly found the activation energy to vary from 65-+16 k.cal/ 
mole over the temperature range 416 - 4840C. 
The expression of a catalytic rate in terms of a heterogeneous 
model is a gross oversimplification of an extremely complex 
system. The more physical adsorption of a gas by a solid surface 
involves several inter-dependent mechanisms. An empirical model, 
sufficient to predict the performance of the system over the range 
of variables studied, is an acceptable alternative but extra-
polation is not justified. Only with a true mechanistic model 
may predictions of system behaviour be made with any certainty 
outside the range of data to which the model originally applied. 
1.4 OBJECT OF THE STUDY 
Following Caldwell's [36]  work exploring the possibilities of 
catalyst dilution for o-xylene oxidation it was obvious that more 
fundamental knowledge of the system was desirable. The catalyst 
behaved in a manner unlike any catalyst for o-xylene oxidation 
reported in the literature, the main feature of its performance 
being the apparent insensitivity of selectivity to temperature. 
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To allow more detailed information to be obtained an analysis 
system allowing quantification of volatiles was necessary. This 
being made possible, the following were then hoped to be achieved 
A mass balance for the system. 
An insight into the controlling mechanisms of the reaction. 
A mathematical model of the reactor. 
Evaluation of a five cm diameter reactor both experimentally 
and theoretically. 
This scheme was subject to review, dependent on the nature of the 
findings during the course of the work. 
25. 
CHAPTER 2. 
2.1 A MATHEMATICAL MODEL OF THE FIXED BED CATALYTIC REACTOR 
To predict the performance of a fixed bed catalytic reactor, a 
mathematical model has to be set up to attempt to describe the 
simultaneous occurrence of heat transfer, mass transfer and 
chemical reaction within the system. To be rigorous, a momen-
tum balance would complete the analysis, but this will not be 
considered here. 
Fixed bed reactors for exothermic reactions are normally of the 
heat exchanger type with the catalyst pellets packed inside the 
tubes and the cooling medium flowing on the shell side. 
Considering one tube in isolation within the cooling medium, 
the reactor may be considered as either a continuum, allowing 
the application of a differential balance over an element,or a 
system of discrete interconnected cells of dimension equivalent 
to 1a pellet diameter [71 1, A comparative discussion of the 
model types has been given by Valstar 
[107]•  The continuum 
concept has been applied in this work. Thus the heterogeneous 
system is approximated by a homogeneous system in which the 
catalyst is considered to be finely, evenly dispersed through-
out the reactor volume. This approxitnxtionis considered satis-
factory [66]  when the ratio of tube diameter to pellet diameter 
is greater than 10. This condition is often violated by industrial 
reactors. 
With highly exothermic reactions, cooling at the reactor tube wall 
gives rise to radial gradients of temperature and concentration. 
Allowance for these necessitates a two-dimensional model describing 
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both radial and axial profiles. 
The transport of heat and mass in the radial and axial directions, 
leading to mixing or dispersion, may be represented by a diffus-
ional law if smooth gradients, implicit of the homogeneous 
assumption, are assumed. Thus neffective diffUSiVitiS" for 
heat and mass transport are invoked. In the axial direction, 
these diffusional processes are superimposed on the convectional 
transport of heat and mass. The axial dispersion component is 
normally insignificant with industrial reactors [63,68,741 
Examining the radial transport of heat in more detail, the 
following mechanisms [64,1051  are recognised as contributing to 
the overall radial flux of heat : 
Molecular conduction through fluid phase. 
Molecular conduction through solid. 
Radiation from particle to particle. 
Series mechanism from fluid to particle to fluid etc.-
conduction/convection through fluid, conduction through 
solid particle. 
Turbulent diffusion through fluid phase. 
In a stagnant system mechanisms (1), (2) an (3) only operate; 
mechanisms (4) and (5) become dominant as the Reynolds number 
increases. For radial mass transfer, only mechanisms (1) and 
(5) are available. The turbulent component of radial transfer 
can be attributed lrgely to the permanent eddies maintained 
by the structure of the packing. From the above analysis it is 
apparent that the radial heat flux is enhanced over the radial 
mass flux by the contribution of the solid phase. 
27. 
The presence of the containing wall interrupts the packing 
arrangement of the catalyst resulting in larger voids in the 
vicinity of the wall and a lower degree of turbulence. This 
has been postulated to explain the sharp decrease in the 
effective thermal conductivity (diffusivitA in the wall region, 
observed experimentally 	 To allow for the increase in 
thermal resistance in the wall region, a wall heat transfer co-
efficient (au,) is invoked and defined as follows : 
a t\ a (T R  -T  wall )= 	R ( r) 
The wall heat transfer coefficient is again considered to have 
both a stagnant and a flow component. 
The axial fluxes of heat and mass other than by convection are 
attributed [69]  to a spread in residence times resulting from the 
slowing down and speeding up of the fluid as it passes through 
wide and narrow passages of the bed and Taylor diffusion resulting 
from the variation in velocity over the radius. Any back mixing 
would be due to local flow against the general stream. The heat 
flux is again enhanced by the solid phase. 
A review of some experimental data for the bed transport parameters 
is given by Froment f32]•• Expressing the effective diffusivities 
in terms of peclet numbers and the heat transfer coefficient as 
a Nusselt number where : 
P 	= Gm•dp 
emass 	 P 
e,m -r 




then it may be concluded that for practical applications 
PemSs  radial lies between 8 and 11 and Rm ,axial lies ass  
between 1 and 2. Pe hert,radial is lower in the range 6 8 
but tends [80]  to a limiting value of 10 for Reynolds number 
> 400. Peheatja1 is approximately a tenth 
[109]  the value  
of Pomass.axial although this value is based on data at low 
Reynolds number ( 10). Ginn [84] and co-workers 1851  have 
shown both experimentally and theoretically that Pe 	= r 	
10 
n,  
and 1. m, = 2 for Reynolds > 100. .a 
Considerable scatter appears to exist in the data for the Nusselt 
number. However, the methods of parameter r1iEva1 from the 
experimental data on the whole did not allow the wall heat 
transfer coefficient to be obtained with any large degree of 
accuracy. The Nusselt number is normally reported as a function 
of the Reynolds and Prandtl numbers. 
It must be noted that studies of heat and mass transfer in packed 
beds have been carried out almost exclusively in non-reactive 
systems. One exception to this is the work of Hawthorn, Ackerman 
and Nixon [72]  who studied the dehydrogenation of methyl cyc].o-
hexane over Pt/A1203 . However, their range of Reynolds number 
(1000 - 10,000) was much higher than those at which the industrial 
fixed beds operate. Accordingly they found the Pedet number for 
radial heat transfer equal to that for mass transfer, indicating 
that the eddy transfer processes dominated. 
The majority of studies have been carried out with large diameter 
tubes; coupled with this the use of small diameter particles leads 
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to large aspect ratios (DT/D ),unrepresentative of industrial 
p 
reactors. 
There has been little progress in attempts to reduce the un-
reliability of the effective heat transfer parameters. Indeed, 
the practice of reporting statistical information on experiment-
ally obtained parameters seems to be gaining momentum,but slowly. 
Agnew and Potter [70}  recognised the possible large variation in 
values for the wall heat transfer coefficient but proceeded to use 
another correlation 	' to calculate this parameter and then to 
estimate the thermal conductivity from their own data rather than 
estimating both of the parameters from their data and obtaining 
statistical information on the parameter reliability. de Wasch 
and Froment E73  used relaxation methods to minimise the sum of 
squared residuals of (temperature (calculated) - temperature 
(exptL) ) to estimate the two effective transport parameters but 
did not report any statistical information. Valstar et ai1J 
studying heat transfer in a packed bed in which a homogeneous 
reaction was occurring demonstrated the insensitivity of the two-
dimensional pseudo homogeneous model to the heat transfer coeff-
icient at the wall in defining a minimum sum of squared residuals. 
Froment 
[32], 
 earlier, demonstrated the sensitivity of the 
predicted temperature profile to small (10%) variations in the 
effective thermal conductivity with the reactor operating in the 
sensitive 'runaway' region. The variations examined were well 
within the spread of the experimental data. 
Having briefly reviewed the 	 transport processes, 
attention will now be turned to the form of the mathematical model. 
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If, for simplicity, a catalytic packed bed reactor in which occurs 
an irreversible first order reaction is considered, with no 
distinction made between bulk gas and solid catalyst conditions 
(infinite heat and mass transfer at pellet/fluid boundary), then 
for an elemental volume of annulus cross-section, assuming axial 
symmetry and a flat velocity profile (plug flow) a mass balance 
gives for the steady state : 
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G,dp 	N 	
= G.dp 
where Npea,m = M1a,xY1' Per,m Mtker,ri PT 
Similarly for temperature: 
2T 	T 1 	 1 	1T 	T  




= 0 (2) 
= G.Cd 
where NPea,h >a,M 	, 	= 
I 	 / 
Assuming axial dispersion of heat and mass to be 
negligible, equations (1) and (2) become: 
1 	1'A 	 e 15d15 	p 
F- -  N ( + 2r2 + G R( A,T) = 0 (3) z Per ,m 
1 1T 
+ 
'2T) bdpM R(PA,T) 	= 0 	(4) 
- NPer ,h r?r 2 r G C p 
The boundary conditions, are as follows: 
Z = 0; A = A inlet, T = Tinlet = Twall;Or&R 
r0. - 0 
r = R 	= 0 , _XR 
r=R 	
d(T - Twall) 
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In the temperature boundary condition at the wall, the tube 
wall and external film resistance are neglected. Also the 
cooling medium temperature (Twall) is assumed constant. A one- 
dimensional plug flow approximation to the above two-dimensional 
model involves the assumption that resistance to heat transfer 
lies purely within a thin film localised at the tube wall. 
Average temperatures and concentrations are thus given, assuming 
a correct one-dimensional analogue of the effective thermal 
conductivity and wall heat transfer coefficient is available. 
Beek and Singer 1:751, Crider and Foss 	and Froment [32] 
give relationships between the two-dimensional parameters to 
allow an estimate to be made of the overall heat transfer 
coefficient. 
Beck and Singer : 	u = / ( 1 + * ( R0a) 0 
R I = Crider and Foss : 	 - + 0 
cc 	6.133 
R 
Froment : 	 = 1 + o 
U 
Beek's correlation gives serious errors if the bed resistance 
is controlling. For small Biot numbers,wall resistance controll-
ing, Crider and Foss arrive via approximation at Beek's 
correlation. The analysis is simple, involving the determination 
of the radial heat flux using point and average temperature 
driving forces. 
The one-dimensional model with plug flow follows as the reduced 
form of the two-dimensional model with plug flow. 
Note: U was calculated using Fromit's relationship. 
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dPA 	1- 	
€bdPM .R (PA 1T) =0 	 (5) 
dZ  cc 	
.R (PA P T) 
p 
+ 4ud (T - TWEII1 ) 	= 	0 	 (6) 
Since the reaction rate constant is an exponential function of 
temperature, gross underestimation of the point axial temperature 
profile can result for highly exothermic reactions with large 
temperature coefficients. This phenomenon was demonstrated by 
Froment [32] He showed for one set of conditions the axial 
over-temperature to be 50% greater than the average over-
temperature. 
Although the axial dispersion model is normally r'SeVed for the 
analysis of beds of short length [86], it was found necessary later 
in the study to check the predictions of such a model; thus it will 
be included in this section. 
The simpler one-dimensional model was used which again follows as 
a reduced form of the general two-dimensional. model. The balances 
for mass and heat are : 
d 'A - 	 d2f 	+ 	MCb d . R (I'  A, T) = 0 (7) 
dZ 	Npe 	dZ2 Gam 
dT d 2 T 	 p 
M d 	(- Aft) .R (1' A, T) 
dZ pe 	2 G .ah 
4.U. Cp 
+ GC .dT • ( T- Twal]. ) 	= .0 	 (8) 
p 
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The boundary conditions, as proposed by Dankwerts [78j and 
discussed by Wehner and Wilhelm ["'] are : 
z=o ; PA entry 
Ten  try 
= "Ao - NPe am 
0 	NFe ah 
dPA 





Subscripts : entry - feed conditions 
o 	- conditions at reactor inlet. 
zZ 	dA 	= dT 	o 
dZ dZ 
As mentioned earlier, interphase transfer resistances have been 
assumed zero. However in practice, with high activity catalysts 
at high reaction temperatures, diffusion influences and in some 
cases controls the overall rate of reaction on the catalyst surface. 
Large temperature gradients may also exist over the interphase 
boundary with exothermic (or endothermic) reactions. With competing 
reaction schemes of differing temperature coefficients, the perform-
ance of the reactor may suffer if operating under diffusional 
control. A more complete analysis of the effects of finite inter-
phase and intraphase (transport through porous catalyst particles) 
transport is given elsewhere. 
For the pseudo-homogeneous reactor models used in this study, 
allowance is made for the above phenomena by effectiveness factors. 
Since the catalyst used in the experimental section of this work 
was surface C6ated s pore diffusion effects were assumed to be 
negligible. Thus only interphase transport need be considered. 
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If it is assumed that the resistance to transport of heat 
and mass is contained in a uniform film surrounding the cata- 
lyst pellet (although there is experimental evidence to the 
contrary [ 	and that the pellet is isothermal then the 
following balances apply at steady state for a simple first 
order reaction occurring on the surface : 
MASS : 
E 
k (PAB PA A)* C 	
exp( S - RT5 
S 	 ) "As 
C = dimensionality constant 
= i.e. "As 	k P ga AB C  








h1 (Ts - TB ) . C1 = exp (S 	"AS ( .-4H)RT 
Substituting for P or PAS 
. 	hf (TS _T13)C 
	exp (S-_ )kga PA BC (-H) 	
= 0 (9) 
.exp(S - E )+k 	C 
	
RT5 	ga 
may be solved for iteratively and hence PAS  may be determined 
An effectiveness factor may be defined as : 
- rate of reaction of A at pellet surface conditions 
?A* - rate of reaction of A at bulk fluid conditions 
= 	exp(S- -- ).PAS  
exp(S - E ).P 
RTB 	AB 
Thus including r as a coefficient for the reaction rate term 
LA 
in the models previously discussed allows for the presence of 
resistances at the pellet surface. 
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If the - nonlinear function of T is examined, it will be -sen to 
be a result of the combination of the heat generation and heat 
removal functions, illustrated diagramatically below : 
RRTE (75) C_ 
U3 	
'S 
The three solutions given in case (a) correspond to the lower 
stable operating temperature, the unstable ignition temperature 
and the upper stable operating temperature, showing the possibil- 
ity of two steady states. Depending on the environmental aUdit ions, 
only the lower (b), (d) or the upper (c) may be available. 
Solution of this function is common to all models and was 
achieved by the regul-falsi or false position iteration [79)• 
Further discussion of this method is given in Appendix 1. 
2.2 METHOD OF SOLUTION OF MATHEMATICAL MODEL 
..... 
Having derived the models approximating the fixed bed chemical 
reactor, a method of solution must be decided upon for each model. 
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For the simplest case, the one-dimensional plug flow model, a 
set of ordinary differential equations, non-linear in temperature 
(if all reaction steps for a complex scheme are first order in 
reactant) is given. A numerical solution is given simply by a 
Runge Kutta method which involves a low trincatiofl error. The 
initial value problem allows an explicit marching solution to be 
obtained with the reaction rate constants being evaluated using 
a known temperature equal to the previous estimate. The Runge 
Kutta method used was the fourth order process : 
Yn+ 1 (k1+2k2+2k3+k4) 
The algorithm was available as a standard library routine in the 
Edinburgh (University) Regional Computing Centre (E.R.C.C). An 
analysis of possible errors to be encountered using a single step 
method such as Runge Kutta is given by Lapidus 
The two-dimensional model, comprising the set of non-linear para-
bolic partial differential equations presents a more difficult 
problem of solution. A classical finite difference approach was 
used since this is a time proven method, the possible difficulties 
to be encountered being well covered in the litereature (e .g. 79I 
8l82)) The presumed continuous functions of temperature and 
concentration are replaced by a set of discrete variables existent 
at the nodes of a two-dimensional grid superimposed on a diameter 
of the reactor. The grid is generated by dividing the radial space 
into increments Ar and the axial space into increments AZ. To 
approximate the partial derivatives an implicit scheme was decided 
on, avoiding the necessity of satisfying a stability criterion 
associated with explicit schemes [82] . A fully implicit scheme 
38. 
(backward difference) was discounted since the axial derivative 
analogue is only first order correct (82 1 The mixed implicit/ 
explicit formulae suggested by Crank and Nicolson [83] have been 
used in this work. 
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By a Taylor series expansion for the variable u at the positions 
n,m and n + 1, in about the point n + 4,m,a finite difference 
analogue for the axial first derivative is obtained. By inspec- 
tion it, is seen to be of second order. 
(o1. -u 
\ôZ In + , m = n+ 1,m 	1m - 
Similarly variable u may be expressed 




in terms of a series at 
the point n,m to give 
a finite difference analogue for the radial second derivative at 
the axial position n. The procedure may be repeated at the axial 
39. 
position n + 1, thus allowing an averaged radial derivative 
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Similarly the radial first derivative is given by : 
(_ Un+lm+1 -Un+l,m_l 
) 	 _____________ ni4,in - • 	L 2Ar 
+ 11n,m+l - 	 1 I 2A r 




n+l,in 	 n,m_j 
Again both of the above analogues are second order correct. 
The boundary conditions at r = 0 and r = . R may be similarly 
treated by the use of fictitious points in = -1 and in = M+l 
respectively. However, the boundary condition at the wall for 
temperature presents a problem since the temperature profile is 
not smooth. An oscillation in the predicted temperature at the 
wall is given. If a sufficiently small axial step size is used, 
the oscillation dies out. However, if the grid points are dis- 
placed 	by one half of a radial increment no such oscillation 
results. This procedure was used in this work. The following 
40. 
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With M radial increments, M nodes exist at which the discrete 
variables are evaluated. Treatment of the boundary conditions 
(and the variables in reaction rate term)is simple (see Appendix (2)). 
A brief flow diagram of the method of computer solution is 
* 
given below, a computer listing being included in the Appendix (2) 
See following page. 
FLOW DIAGRAM FOR COMPUTER SOL' OF 2-D MODEL 
	41. 
Inlet conditions : radial 
fluid profiles known1 
I Calculate solid 
conditions at Z 
Guess radial fluid 
profile at Z+AZ 
I - Calculate solid 
conditions at Z+Z 




Calculate elements of 
tridiagonal coefficient 
matrix for fluid radial 
profiles 
Invert matrix to give Thonias 
fluid radial profiles Algorithm 
Compare fluid temperature 
profile (calculated) with fluid 
temperature profile (guessed) 
to check if convergence 
criterion satisfied 
T NO 





A finite difference solution was obtained for the one-dimen-
sional axial dispersion model in preference to the other possible 
methods [86] since this method had been successfully applied to the 
two-dimensional model. Use of the implicit finite difference 
scheme allows stability problems to be avoided, normally encount-
ered with explicit marching techniques 	Proceeding as for 
the two-dimensional model, for N axial increments, N-i simul-
taneous algebraic equations in N-i unknowns, non-linear in 
temperature are given after application of the boundary conditions 
at Z = 0 and Z = Nt.,2. The computational procedure is also very 
similar. Using initial estimates of the axial profiles and 
calculation of corresponding solid conditions, an iterative 
technique was used until convergence was deemed to have occurred. 
A computer listing is given in Appendix (4) along with a brief 
treatment of boundary conditions. 
2.3 DECISION ON PHYSICAL AND CHEMICAL PARAMETERS PERTINENT 
TO THE SYSTEM TO BE MODELLED 
Having decided on the methods of solution of the various models, 
parameter values must be substituted into the model to allow an 
accurate prediction of system performance. A-iowever, availability 
of parameters to allow this presents by far the biggest problem 
encountered so far since it is questionable whether there is 
justification in using data obtained from a system dissimilar to 
the one under consideration. 
The system to be modelled was a fixed bed reactor for o-xylene 
air oxidation over vanadium pentoxide. The reactor was immersed 
in a fluidise4 bed of sand,held at constant temperature by 
43. 
electrical heaters (see Chapter 3). No heat or mass transfer 
experiments had been performed to ascertain the bed properties 
and, initially, no kinetic data for the reaction over the 
particular batch of catalyst used was available. From Ca].d-
well's work 	yield (of phthalic anhydride) and temper- 
ature profiles for various cooling bath temperatures were 
available. This data was substantiated, in part, during the 
initial stages of this work. Caldwell, experiencing similar 
problems of lack of data, attempted to model the system on 
the basis of a single catalyst pellet. As the cooling bath 
temperature was raised, a sudden ignition in the reaction was 
observed. Combining heat and mass interphase transport and 
a suitably adjusted kinetic parameter, assuming the reaction 
sqhexne could be approximated to a single step with an average 
heat of reaction, an ignition temperature was predicted 
approaching the experimentally observed value. Thus the 
ignition was attributed to a change in the steady state 
operation of the catalyst pellet, rather than purely the 
arrival of a catalytic environment where the catalyst became 
active and/or parametric sensitivity (as demonstrated by 
Froment [32] theoretically). Surface reoxidtion was invoked 
to account for the insensitivity to increases in hydrocarbon 
inlet pressure and to approximate better the ignition tem-
perature. However, the form of the experimental temperature 
profile could not be predicted theoretically with this model. 
From the foregoing it may be concluded that the model was not 
satisfactory, certainly not for detailed prediction of reactor 
performance. 
44. 
In the absence of data obtained specifically from the system 
under observation, literature correlations have to be resorted to. 
Common to all models is the kinetic data. The two-dimensional 
model requires estimates of.R,a and N 
erxn 
. For the purposes 
, 
of calculation of the various parameters, table (z) lists the 
operating conditions of the reactor, bed physical properties,etc.,. 
The value of N 	 may be taken [32,92] as 10. Since the model 
is comparatively more Sensitive to N 	 ? R  and a were calculatdto 
according to the following procedure, suggested by Paterson (88]. 
Account is taken of the various mechanisms contributing to the 
overall radial flux of heat. 
Agnew and Potter [70],  using an aspect ratio range of 4.5 - 
27.0 report the following correlation for 
k  - 
From Figure 6 of Agnew and Potter, C 5 for an aspect ratio 
of 4. To evaluate? 	the stagnant contribution, the correlation 
of Kuini and Smith [891 
?\ s , n . r . 	e + 	(1 - 
1(1 	
/ks ) 
is used in conjunction with the correlation of Wakao and Kato[ 9 1 
	
XS,n.r 	+ + 0.707 (N 	
) 0. 96 ( 
ks) 
1.11 
kf k1 Nur kf
to allow inclusion of a radiation component. 
For this particular system, € = 0.56,19= i,y 	and 0 = 0.07 
s n, ,r = bed effective thermal conductivity for stagnant gas 
and no radiation. 
Xr  + NRe N 
C 
45. 
= 1 r DP - radiation Nusse].t ntunber.a 0 
is calculated 
s 74 using Beek 1 sE1 correlation for cylinders: 
	
1/3 1/3 	 0.8 	0.4 
Nu = 2.5 Re 	"r 	+ 0.094 Re 	Pr 
The resulting parameter values averaged over the temperature 
interval 400°C - 600°C are N R= 2.4 k.cal hr m 
0C 1 
a 	= 154 k.cal hr 
-1  m2  Ol 
Hence NPh = 2.95 
The value of )\ is much higher, and correspondingly Npe hr 
lower than the values quoted by Froment [32 .] However, the use of 
different correlations and a smaller aspect ratio presumably 
account for the variation. 	01bric1tJ et al reported the 
same trend of a lowering in NPe  hr as the aspect ratio decreased. 
At this stage a film resistance on the cooling bath side of the 
reactor wall was not included. 
The j factor correlations allowing evaluation of the fluxes 
at the pellet/fluid boundary exhibit considerable scatter : 
with film transport controlling, predicted temperatures for the 
upper steady state of a catalyst pellet vary with the correlation 
used. Studying the vaporisation of water and heavy hydroearbons 
(C10 ) from porous particles, Petrovic and Thodos [93] reported 
the following correlation for mass transfer : 
= 0.357 	= 	kg P NSc2/3 
EN Re 0.359 CM 
Allowance was made for axial dispersion. 
Resnick [44]found the ratio of jH/JD to be 1.37 on studying the 
heterogeneous decomposition of 11202 vapour over solid silver spheres, 
46. 
D being found to be as predicted by non-reacting systems. 
3H 	hf N3 
L; 	 r 
Diffusitives for the Schmidt number were calculated using the 
Leonard jones Correlation [104). 
The kinetic scheme and its associated parameters presented the 
biggest problem. No information was available on the catalyst 
used in the experimental reactor (the suppliers were reluctant 
to give much information) although it was believed to be of the 
American type,promoted. The kinetic scheme of Froment [32  Las 
reported as being typical of that over an industrial catalyst. 
It was obvious that their kinetic data did not apply to an 
American type industrial catalyst since the scheme predicted 
complete combustion to CO  under conditions (Table ( 2 ) ) where 
an experimental phtbalic anhydride yield of over 60 mole % could 
be obtained. Predicted fluid temperatures rose to 1050°C, solid 
temperatures 2000C higher, equivalent to near adiabatic operation. 
Reaction was thus complete after twenty pellet diameters. 
Replacing the phthalic anhydride combusion rate with that found 
by Hughes & Adams [301 (more than one order of magnitude lower) 
did not limit the extent of the combtion or make the overall 
reaction much less violent. The more comprehensive scheme of 
Novella and Bennioch 
[12] 
 was also tested and found to predict 
near complete combustion. It became obvious that the kinetic 
schemes in the literature did not apply to the particular cata-
lyst used at its high operating temperatures, which demanded 
extrapolation of rate data over 100°C or more. It was shown 
experimentally [36  however, that at the lower temperatures, the 
catalyst was inactive, an indication of American characteristics. 
TABLE 2 
Summary of reactor operating variables and 
properties. 
d = 0.0063m 
p 
e 	= 0.56 
= l000 kg. m 3 
C = 4684 kg.xn -2 hr  -1 
f.b..t.= 4100C (external wall temperature ) = T wall. 
T. = 410°C 
1 
NA = 0.01 
0 
= 0.0254 m. 
D xylene = 0.125 m2 hr- I 
air = 0.127 kg. m hr 
air= 0.496 kg.m 
air = 7.54k.cal. k.mole 
k g air = 0.049 k.cal. hr . m °C 
ks sic 17.2 k.ca1.hr m 
Ol 
MWair = 29 kg. k.mo].e -1 
Npr 	= 0.69 
Ns 	= 2.0 
N Re 	= 232 
TABLE 3 
Derived data from correlations. 
a 	= 15.4 k.cal hr -1  in
-2 o C1 





N 	= 10 Pemr 
-1-2 
kg 	= 10.45 k moles hr 	in 	atm -1 xylene 	 cat 	xylene 
h 




scheme : 	o xylene , 
k1 	exp (17.52 - 26200) k mole hr 1kg.cat 
RT 	atm xylene 
k2 	exp 	- 26200) k mole r 1 kg cat RT 	
atm xylene. 
( -A Hl ) = 296,000 k.cal. k.mole 
(-1 H) = 655,000 k.cal k.mole -1  for CO2 + products. 
= 510,000 k.cal k.mole 1 for c02  *- incomplete  conversion. 
Watt [34] reported the o-xylene disappearance rate over the 47. 
particular batch of catalyst used in the experimental fixed bed 
reactor. It exhibited good agreement with Froment's [32]synthetic 
rate of o-xylene disappearance. Since selectivity data was absen% 
this rate was assumed to consist of two parallel steps, one to 
phthalic anhydride and one to CO  plus other products, based on 
results from the fixed bed where only approximately 85% of the 
o-xylene could be accounted for by way of phtha].ic anhydride, 
phthalide (solids) and 	The invariant selectivity in the 
fixed bed suggested the parallel steps had equal activation 
energies. Phthalic anhydride combustion was assumed not to 
occur since varying the bed length gave no measureable change 
in phthalic anhydride yield, over several temperatures. The 
scheme was thus 
Phthalic anhydride 
o-xylene 	 k1 
0.65 
+ products. 	k1 k2 
Two pseudo heats of reaction, calculated from the heats of 
reaction listed in appendix (S ), for the CO  formation step 
wezused to account for either other product forniation( where 
an arbitrary beat Of ation equivalent to otoluic acid form- 
ation was used) or incomplete o-xylene conversion. On the basis 
of complete o-xylene conversion, the former pseudo heat of 
reaction was calculated to be 655,000 k.cal k.mole , the 
latter 510,000 k.cal k.mole 
Although the imposed selectivity halted the ultimate complete 
combustion of o-xylene, the predicted temperature profile 
exhibited a hot spot temperature of 6550C and in no way approx-




C. Since no information on the conversion 
profiles was available, comparisons throughout the initial 
modelling attempts were restricted to temperature profiles and 
product yields. 
The influence of the bed heat transfer parameters was examined 
by doubling thevalues predicted by the literature correlations. 
The result was a lowering of the hotspot temperature to 570°C, 
with the steep profile being retained. It must be noted here 
that Watt's data was being extrapolated more than 150 °C above the 
temperature range in which the data were obtained. To predict 
the experimental profile, an extrapolation of 70°C or higher 
would have been necessary. However, no alternative at that stage 
was possible. 
The interphase mass transfer coefficient was reduced first by 20%, 
then 407o, of the predicted value, with the other parameters as 
predicted by the correlations. The latter had the effect of 
reducing the hotspot temperature to 570 °C and rendered the 
temperature profile gradient slightly less severe. 
Finally the interphase heat transfer coefficient was increased 
by 20976, the corresponding mass transfer coefficient was decreased 
by 20976 and the bed heat transfer coefficients were increased by 
20%, all within the accuracy of the correlations. The resulting 
improvement towards the experimental profile was only marginal. 
The results are summarised in Figure (2). 
Thus the bed heat transfer parameters could be dismissed as the 
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the assumption of plug flow, and hence constant XR appearing 
to be invalid 06])• Similarly the interphase transport, with 
local variations [98]  in the flux globally over the radius and 
locally over the surface of individual pelletsç invalidating the 
assumption of uniform accessibilit),could be dismissed. 
A consecutive scheme of the form shovnbelow was explored. 
o-xylene 	) phthalic anhydride -4 CO2 
The rate of the first step was taken as that suggested by 
Froment [32]•  The rate of phthalic anhydride combustion was 
taken as that reported by Hughes and Adams 
[30]•  The predicted 
profile was again too sharp and the yield of phthalic anhydride 
(90% mole) too highsee Figure (4). Increasing the cooling bath 
temperature (and hence the feed temperature) caused a lowering 
of the selectivity and a corresponding increase in the hotspot 
temperature. At 450°C a yield of 35 mole % phthalic anhydride 
was predicted, contrary to experimental findings. 
With such steep profiles over the bed,'2OO°C over" 0.075 metres 
or approximately 200C per pellet, the basic assumption of the 
continuum model that dependant variables vary smoothly through-
the bed is invalidated. Under such conditions a cell model [71] 
is more appropriate. However, it may be seen that the experi-
mental profile indicates a much smaller gradient existent over 
distances of one pellet, allowing legitimate use of a continuous 
model. With such large axial gradients of temperature, and hence 
concentration, axial dispersion effects were examined since trans- 
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50. 
Although it is strictly not valid to compare results from one-
dimensional and two-dimensional models owing to points mentioned 
earlier, since only general trends were required initially, a one-
dimensional axial dispersion model was examined. As a first trial 
was set equal to 2.0 and N peah equal to 1.0. The reaction 
zone moved slightly towards the reactor inlet and the hotspot 
temperature increased (see Figure (5) ). The steep temperature 
profile more than compensated for any shift down the bed of the 
temperature profile due to axial dispersion of reactant. More 
realistic values of N 	 equal to 0.1 and 0.01 to account forPeah 
axial conduction and radiation, which would play a significant 
role under these conditions 	were employed. With the former, 
the hotspot was lowered to 560 °C but again the shape of the 
profile in no way approximated the experimental profile. Similar 
conclusions were drawn using the latter value of 
Using a reactor model * consisting of a one-dimensional array 
of perfectly stirred tanks with radiation coupling between 
adjacent tanks to allow explicitly for heat transfer via this 
mechanism, a hotspot temperature of 6800C after an axial distance 
of eleven pellet diameters was predicted for a parallel scheme 
as before with an imposed 70% selectivity. Thus it was concluded 
that axial dispersion effects were not the major factors determining 
the observed experimental temperature profiles. 
* Loaned by D.L. Cresswell, Chemical Engineering Department, 
University of Edinburgh. 
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In all cases examined, the conversion level at the hotspot was 
very high ( 70%). With the short bed length associated with the 
development of the hotspot, the reactor may be considered to be 
operating under pseudo-adiabatic conditions and hence insensitive 
to physical properties of the system. This in turn may be attri-
buted to the extremely high rates of reaction and hence high 
rates of heat release with such an exothermic reaction. It was 
apparent that the rate controlling step was grossly in error 
since, apart from the model form, the most likely sources of 
error had been dismissed. 
The modelling of an experimental reactor in which complex highly 
exothermic reactions proceed does not appear to have been attemp-
ted by many workers. Carberry and White [96]  modelled a fixed bed 
catalytic reactor for naphthalene oxidation to demonstrate para-
metric sensitivity. Temperatures of over 600°C were predicted 
with kinetic data obtained in a temperature range 200 °C lower. 
Thus it is probable that their profiles are in as much error as 
the profiles reported here. Ohki 0]et al successfully pre-
dicted experimental temperature profiles for sulphur dioxide 
oxidation and ammonia decomposition. Nagata [loll etal achieved 
similar success modelling a reactor for the hydrogenation of 
benzene to cyclohexane. However, in both cases, the reaction 
scheme was simple, the associated heat reaction low and experi-
mental kinetic data was available for the predicted temperature 
range. Negata [102]  et al also predicted teziperature profiles 
for a naphthalene oxidation system based on 	 data. 
i 7 
However, their success was to be expected since their rate data 
was obtained by Tasker from the experimental temperature profile. 
52. 
To gain more insight into the size of the overall rate controlling 
step, the rate constants for the parallel scheme below 
phthalic anhydride 
o-xylene 
k 1 	= 0.65 
k1+k2 
= 296,000 k.cal 
k .mole 
A h 2 = 510 ,000 k.cal_ 1 
k. mole 
were calculated from the experimental temperature profile using 
a simple one-dimensional plug flow kinetic reactor model (infinite 
interphase transport). An Aenius plot of (k1 + k2 ) is shown 
in Figure (6). Included in the same plot is the rate of o-xylene 
disappearanc.e as measured by Watt over the same catalyst in the 
temperature range 390 - 430°C. It may be fortuitous that the 
first two points obtained from the experimental temperature 
profile exhibit the same . slope as Watt's line. If this is more 
than coincidence, however, it is possible that a change in rate 
controlling mechanism occurs, outside the temperature range 
Watt studied. 
The overall rate o-xylee—(phthalic anhydride + CO 2 ) above 
430°C has a very low activation energy, indicative of either 
mass transfer control at pellet/fluid boundary (dismissed after 
comparison with predicted mass transfer coefficients), formation 
of intermediates of phthalic anhydride whose subsequent reactions 
are slow or a genuinely low activation energy step for o-xylene 
disappearance. The increase in the slope of the graph at the 
higher temperatures was due to the extreme sensitivity of the 
rate constants to the temperature profile, the many data points 
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53. 
temperature measurements. The rate constants were also a 
function of the heats of reaction of the steps in the kinetic 
scheme and the overall heat transfer coefficient. 
Thus in order to elucidate the kinetic scheme and the more 
important kinetic parameters, it was necessary to obtain more 
fundamental knowledge of the system. Hence the following scheme 
of work was decided on : 
Examine intermediate conversion levels in the fixed bed. 
Explore extreme operating conditions of temperature, inlet 
partial pressure and flow. 
Further Caidwell's work on dilution by attempting to obtain 
an isothermal bed. 
If (3) successful attempt kinetic evaluation of catalyst. 
The above was thus an expansion of the scheme of work proposed 
at the end of Chapter One. 
CHAPTER 3. 	
54. 
EXPERIMENTAL APPARATUS AND PROCEDURES 
3.1 EXISTING APPARATUS 
To allow evaluation of the theory of catalyst dilution 
to improve the yield of desired product of a hydrocarbon 
oxidation scheme 	Caldwell[ 36 ]designed a large fixed 
bed reactor to simulate one tube of a multitu.bular 
industrial chemical reactor. The development of the rig 
is discussed fully elsewhere E361  only a brief description 
is given here. 
The reactor consisted of a 2.5 cm bore, 0.16 cm wall 
stainless steel tube fashioned into a "U" tube with the 
axes of the two legs 12.7 cm apart. The height of the 
unit was 2.74 metres. One limb was packed with the 
required depth of catalyst (maximum bed depth approximately 
2 metres) supported by a drilled stainless steel disc 
located close to the bend of the "U" tube. The reactor 
was immersed in an air fluidised bed of sand and sealed 
by a flange welded below the flanged ends of the reactor 
tube. The feed limb of the reactor thus acted as a pre-
heat section allowing the reactant feed temperature to 
equal the bath temperature. 	'Inert' alundum spheres were 
packed into the limb to ensure sufficient preheating. The 
air feed to the reactor, monitored by a metric 18 rotameter, 
was initially preheated to approximately 400 0C by its 
passage through an insulated mild steel box, into the 
sidewall of which were fixed four 0.75 kilowatt Pyrobar 
heating elements of 0.8 cm diameter. 
55. 
One pair of heaters, in parallel, was wired through a 
'Variac' to allow the temperature of the preheater to be 
adjusted. 	The remaining pair were connected, in parallel, 
directly to the mains voltage. The air feed was supplied 
by an Edwards High Vacuum R.B.10 blower, driven by a one 
h.p. motor. The o-xylene was fed using an 'M' type 
Hughes metering pump. This was supplied with o-xylene 
by a 100 ml burette thus allowing the direct measurement 
of the o-xylene feed rate. Copper tubing of 0.64 cm O.D. 
was used throughout for o-xylene transport. The o-xylene 
entered the reactor feedline downstream of the preheater, 
external to the fluid bed, by connection of the copper 
tubing to a nipple hard soldered to the air feed line. 
The o-xylene feed rate was varied by adjusting the length 
of the stroke of the plunger in the metering pump. The 
pipework for the reactor air from the blower to the pre-
heater was 1.3 cm bore mild steel tubing. Other piping 
to and from the reactor was 2,5 cm bore mild steel tubing. 
Lines after the reactor were heated with 'Thermocord' 
and lagged with asbestos tape. 
The fluidised bed shell was mild steel, 46 cm In diameter, 
2.74 metres tall, with a base of 91 cm. The wall 
thickness was 0.32 cm, The top of the shell was closed 
by a 0.64 cm thick plate, bolted to the shell flange. 
An 18 cm diameter central hole allowed the reactor to be 
fitted into the fluid bed. 
56. 
Air was fed from a 336 T G Holmes positive displacement 
Roots type blower driven by a 4 h.p. Crompton Parkinson 
illotor, through the shell side of a vertically mounted heat 
exchanger (121 tubes, 0.96 cm O.D. x 16 S.W.G., 2.13 
metres in length) to the base of the fluid bed shell. 
The distribution plate was a Porosint rigid mesh (40 
micron) stainless steel disc, 0.25 cm thick. 	The 
fluidising air flowrate was monitored using a 65 x metric 
rotameter. The bed was heated by four 2.5 kilowatt 
Pyrobar heating elements bent in the shape of afU? tube 
and fixed at two levels on diameters through the wall of 
the fluid bed shell. The heaters were wired in a similar 
iianner to the preheater elements. The fluid bed shell 
and base were lagged with an approximately 7.6 cm thickness 
of Superlight Plastic insulation. 
The air plus any entrained sand from the top of the fluid 
bed was directed via the tube side of the heat exchanger 
to a cyclone and thence to a water scrubber to remove 
fines before discharge to atmosphere. Most of the 
qntrainment collected in a polythene aspirator connected to 
the base of the cyclone. The air lines throughout the 
fluidised bed system were either 5.1cm or 7.6 cm O.D. piping, 
the hot sections being lagged. 
Chromel alumel thermocouples, sheathed in 0.24 cm O.D. 
stainless steel tubing, to allow hard soldering, were fixed 
through the wail of the reactor allowing axial temperatures 
of the catalyst bed to be monitored. 
57. 
The thermocouples were connected.-to a Kent Mark 3 12., 
point recorder (range 350 - 500 0C) in parallel with a 
Cormaric electronic thermometer (range -120 0C -3 + 11000C) 
with ten channels. 
The contents of the polythene aspirator were returned to 
the fluid bed at the beginning and the end of the experimental 
day. Since the fluid bed needed 12 hours to reach a 
temperature of 4000C using maximum heating power, the 
fluid bed was left running overnight. The preheater 
reached temperature within two hours, hence the reactor 
air was switched off at the end of the day. Both sets 
of heaters, for the fluid bed and the preheater,. were 
wired through electromagnetic trip switches, activated 
by.. the completion of the electric circuit for the respective 
blower unit. 
The periodic removal of the reactor from the fluid bed 
necessitated easily broken joints at the reactor 
flanges. Pipework to and from the reactor was thus 
connected via flanges-.using Walkers Metaflex gaskets. 
A sand leak-free seal at the reactor flange/fluid bed top 
plate joint was obtained using a gasket consisting, of 
three layers of Twill Steel., 
Normal operating system pressure drops were 3 p.s.i for 
reactor system with a flow of 34 litres/min and 5 p..s.i. 
for fluidised bed system with a flow of 510 litres/mm, 
Figure (7) illustrates the main features of the apparatus. 
oc E\T\ K 	 CA- 
58. 
A 5 0 1 cm diameter reactor was designed along the lines 
of the 2.54 cm diameter reactor. A similar 2.54 cm 
diameter preheat limb was welded to a straight 5.1 cm 
diameter length of stainless steel piping. A draviug 
including dimensions of the larger reactor is given in 
Figure (4). 	Thermocouple positions in the 2.5 and 5.1 
cm diameter reactors are shown in Figure (q). 
An experimental run allowed the yield of solid product, 
namely phthalic anhydride and phthalide, the oxygen usage 
and the axial temperature profile to be determined. 
The solid product was collected by condensing the vapeurs 
of the exit reactor stream in a concentric tube water 
cooled aluminium condenser. The oxygen usage was 
determined by passing a sidestream of the exit reactor 
gases through a Servomex oxygen analyser type DCL 101 
ink II. Phthalic anhydride was quantified by alkali 
titration of an aliquot of the solution of the total 
condenser sample in acetone. This assumed, and was 
Substantiated by chromatographic analysis, that the only 
acid species present was phthalic anhydride. Phthalide 
was determined by addition of excess alkali to hydrolyse 
the phthalide and back titration of the unreacted alkali.. 
Using the above procedure during the initial stages of 
this study, runs were performed over a range of fluid bed 
temperatures (fbt) 370 - 480 0C, a range of flowrate 11.3 - 
102 litres/minute and inlet oxylene partial pressures of 
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Yields of phthalic anhydride in the range 55 - 65 mole % 
were obtained, similar to, but slightly higher than, 
Caldwell's results 
E36  30 The yield of phthalic anhydride 
appeared insensitive to operating temperature since, with 
a flow of 34 litres/minute, the yield with a fluid bed 
temperature of 4800C (hotspot temp 5800C) appeared to be 
only 7 points lower than the yield of 65% at a fluid bed 
temperature of 4200C (hotspot temp 5100C) using a 1% 
mole feed of oxylene. The reactant air flow of 34 
litres/minute gave a residence time of ap] Droximately 062 
seconds in a bed of depth 1 metre. 
3.2 DEVELOPMENT OF IMPROVED PRODUCT ANALYSIS 
When attempting to collect the phthalic anhydride formed 
during low o-xylene conversion runs, difficulty was 
experienced in trapping all the phthalic anhydride since 
it appeared necessary for a mesh of phthalic anhydride 
crystals to form at the bottom of the condenser thus 
providing a "seeding" area for the phthalic anhydride. 
With low phthalic anhydride partial pressures, the mesh 
either did not form or was formed during the later stages 
of a collection run. The presence of fibre glass wool 
held in a tin connected to the end of the condenser 
allowed the crystal mesh to form early on, but the 
arrangement was subject to blocking, causing large pressure 
drops and hence the continual adjustment of flow perturbed 
the steady state operation of the reactor. 
60. 
Thus the procedure was unsatisfactory for quantification 
of the phthalic anhydride yield under conditions of low 
phthalic anhydride partial pressure. Similarly it was 
not possible to collect any volatiles by condenser 
sampling. The exit temperature of the gases from the 
condenser/glass fibre containing tin was approximately 
650C with a fluid bed temperature of 4200C. With the 
large reactor throughout, electrostatic precipitation 
and/or chilling the gas stream with acetone/solid CO  
mixtures was not plausible. Monitoring a sidestream 
of the total flow involved undesired complications. 
The addition of a Grubb Parsons infra-red CO  meter 
allowed the exit CO  content of the reactor gas to be 
monitored. For a run performed with fluid bed 
temperature equalling 4250C, a 1 mole % o-xylene in air 
feed, total flow 34 litres/minute, depth at packing 1.35 
metres, the following data were typical 
mole % o-xylene 	) phthalic anhydride = 65 
(85% of 
mole % o-xylene 	> phthalide 	 = 3 > o-xylene 
fed 
mole % o-xylene 	> CO 	 = 17 
Thus only 85% of the o-xylene could be accounted for. 
The exit reactor oxygen figure was 17.07o, so on a basis of 
100 moles fed to the system, 39 moles had been used 
(air 20.976 02). The listed components account for 
approximately 3.4 moles of oxygen giving a discrepancy of 
0.5 moles of oxygen. 
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Obviously there were non-condensibles present in the 
reactor stream which were not being monitored. Previous 
studies suggested that o-tolualdehyde, maleic anhydride 
and carbon monoxide were all possible candidates. 
Ultra violet spectrophotometry was examined as a 
possible method of quantification of the hydrocarbons 
present in the vapour phase of the cooled reactor gases. 
No infra-red equipment was available at that time. 
However the probable presence of similar aromatics - 
o-xylene, o-tolualdehyde - rendered the method 
unsatisfactory due to overlap Of their absorption spectra. 
Calibration of the Pye UbIcan 8F300 spectrophotometer 
demanded extreme cleanliness Of sample cell for a 
sufficient degree of accuracy ., something very difficult 
to achieve during reactor sampling with the possibility 
of condensation on the sample cell walls at room 
temperature. Problems of oomplete removal of phthalic 
anhydride, phthalide and other côndensibles, plus the 
need for theinostating the sample cell suggested another 
method of analysis be sought. 
Watt(34)had used chromatography to quantify his prodddtg 
of reaction. With total flO,w of apocimately 406 nil/mm 
he collected the reaction products using a solid CO  
cold trap plus electrostatic precipitation. Liquid 
injections of a solution of the products in acetone were 
used to quantify the product yields. 
62. 
Thus it was decided to take gas samples of the exit 
reactor stream, using a heated gas sampling valve, and 
to feed them directly to the chroxnatograph. After 
testing various sample valves and chromatograph columns 
a satisfactory system, allowing complete resolution of 
the components in the sample under isothermal conditions 
in a relatively short analysis time, was finally 
obtained. 
A model Fil Perkin-Elmer dual column gas chromatograph 
unit consisting of precision oven, flame ionisation 
detector and flame ionisation amplifier was fitted with 
a Hewlett Packard chromatograph column (1.83 metres, 10% 
U C C W 982 chrom W A.W.D.M.C.S. 80-100 No. 8036761) 
consisting of 10% silicone gum rubber on 'chromasorb W' 
packing. A Hewlett Packard sampling valve (No. 19020A) 
was fitted in a sindanyo box internally lined with 
thermocord. The temperature of the valve could thus be 
regulated to 1500C,at which temperature and maximum 
hydrocarbon concentration experienced there would be no 
condensation of components. The sample valve had dual 
sample loops, located in position by a 'hook up' block 
connecting the loops to the body of the valve. A seal 
at the block was obtained by silicone rubber '0' rings 
which, it was found, absorbed phthalic anhydride and 
phthalide on sweeping the sample loops with reactor gas. 
Flushing the sample into the chromatograph column with 
nitrogen caused the absorbed components to desorb into the 
nitrogen stream, 
63. 
resulting in a delayed charge of hydrogen reaching the 
column giving peak tailing. The hook-up block was thus 
removed and the sample loops, were hard-soldered, to the 
valve body. 
To allow for any erratic behaviour of the flame ionisation 
detector, or slow ageing of the column, a known standard 
was mixed with the reactor gas before the gas was. fed to 
the sample valve. The standard used was naphthalene 
since it had a sufficiently high vapour pressure in the. 
solid phase to give peak areas comparable to the components 
in the reactor gas, Also the elution time of naphthalene 
was approximately half, the total analysis time and its 
elution resulted in no interference with product peaks, 
none of which showed similar elution times. The 
naphthalene was contained in a glass 'bubbler' through 
which nitrogen was passed, the 'bubbler' being placed in 
a thermostated water bath held at 67 0C. The peak areas 
for the expected components of the exit reactor gas were 
found relative to naphthalene by individual comparisons. 
Coiled 0.63 cm bore copper tubing packed with the 
individual solid hydrocarbon (phthalic anhydride, phthalide 
or maleic anhydride) was immersed in a thermostated oil 
bath. Air was passed through the copper tubing and 
emerged saturated with the particular hydrocarbon. This 
was fed into the line carrying the napbthalene saturated 
nitrogen stream which then passed to the chroinatograph 
sampling valve. 
64. 
The ratio-of the two streams was obtained by measuring. 
the oxygen content of the mixture downstream of the 
sample loop. Teflon sleeves were used to join the glass 
bubbler to the 0.62 cm O.D. Ermeto stainless steel 
tubing which also comprised the pipework connecting both 
the copper sample tubes and the reactor exit lines to 
the chromatograph valve. The lines were heated with 
thermocord and lagged with asbestos tape. 0-xylene 
was contained in a glass 'bubbler' for purposes of 
calibration. Since o-tolualdehyde was in short supply 
due to its high cost, solutions of o-tolualdehyde and 
naphthalene in acetone were made up and liquid samples 
were injected into the chromatograph. A reproducible 
set of data was obtained. 	Initially attempts were made 
to calibrate the chromatograph using liquid injected 
samples for all components. However for phthalic 
anhydride and phthalide non-reproducible results were 
obtained. This was attributed to either premature 
partial evaporation of the liquid sample, or loss of 
the sample on injection against a column pressure of 
12 p.s.i. 
Since excessive swept volume and dead space within the 
pipework leading o the column caused diffusion of the 
slug of sample into the nitrogen carrier gas stream which 
again led to assymetric peaks, the injection block in 
the line to which the sample valve was connected was 
removed. 
65. 
Also 0.24 cm 0.D. stainless steel tubing was used for 
connections between valve and column. 
The amplified signal from the flame ionisation detector 
was paratlleleto a Kent Chromalog Mk 3. integrator and a 
Leeds Northrup Type W Model S recorder. The recorder 
allowed for baseline drift and peak tailing to be monitored 
allowing remedial action to be taken with the manual 
facilities of the chromalog. Since tailing at peaks was 
not completely eliminated, the peaks were integrated for 
a set time interval. Similarly the integrator was 
zero-ed after each peak had appeared. 
The whole unit, comprising chromatograph, integrator, 
recorder, water bath for naphthalene standard and oil 
bath for calibration of chromatograph for reaction 
products was mounted on a three level Handy-Angle frame 
positioned on a platform 2.7 metres above ground level 
adjacent to the top of the fluidised bed. This allowed 
the heated pipework carrying the reaction products to 
the chromatograph to be kept to a minimum, knowing the 
susceptibility of phthalic anhydride to homogeneous 
combustion. The platform originally facilitated easy 
access to the top of the fluidised bed to replace the 
sand 'carry-over'. 
The operational parameters for the chromatograph aysteui 
giving optimum performance were as follows 
65. 
Column temperature 	 130°C 
Nitrogen Carrier Flowrate 
Air pressure setting 
Hydrogen pressure setting 
Sample valve temperature 
30 mi/mm, Pressure 




Balancing nitrogen pressure setting 30 p.s.i.g. 
The nitrogen and hydrogen flows were controlled through 
a Perkin Elmer precision pressure control unit,the air 
pressure being regulated by a pressure reducing valve on 
the air cylinder. The higher pressure setting for the 
balancing column was necessary since the column had a 
different packing and liquid phase compared with the 
analysis column, to which the sample valve was connected. 
The basic layout of the sampling, and analysis equipment 
is given in Figure (io), a typical' cbromatogram being 
illustrated in Figure 
3.3 FURTHER MODIFICATIONS 
A 5.1 cm diameter, 34 cm long Powerfiex Stainless Steel 
bellows assembly was included in the reactor feed line 
after the preheater, before the o-xylene feed nipple,to 
allow for the vertical expansion of the fluid bed shell 
as its temperature rose to 400 0C and' above. Stress at 
the preheater joints with the previously rigid reactor 
feed line was thus eliminated. 
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66. 
The phthalic anhydride produced during operation was 
initially collected in a 5 gallon drum. However, as 
the amount of p2-ithalic anhydride in the tin increased 
the system pressure drop increased. Blockage of the 
exit pipeline from the drum also occurred due to 
insufficient cooling of reactor gas in the drum causing 
deposition of phthalic anhydride crystals in the cooler 
pip?work. Both problems were overcome using a $0 
gallon drum as replacement. 
Previous difficulties with the fluid bed heaters 
burning out were overcome by using an increased flow 
through the fluid bed. The increased sand 'carry-over' 
was accommodated by the existing cyclone and aspirator 
without the need to empty their contents during the 
experimental day. Constant adjustment of the belt 
drive of the fluid bed blower eliminated the problem of 
belt slipping and associated drop in air flowrate. 
Various forms of hard solder were tried to overcome 
the problem of thermocouples breaking away from the 
reactor due to apparent breakdown of the soldered joint. 
Although not completely eliminating the incidence of 
failure, Stubbs No. 7 stainless steel silver solder rods 
gave the best results. 	 - 
3.4  EXPER IMENTAL PROCEDURES 
The main classes of experimental runs performed are 
listed below, together with any points not common to all 
runs. 
(a) 2.54 cm diamter reactor: 
Runs with an increasing depth of catalyst packing, 
namely 0, 2.5, 7.5, 15.0 9 22.5, 30, 37.5 1, 45.0, 52.5 and 
86.0 cm. 
Inerts were present in the preheat limb in all runs 
except those with no catalyst present and a few runs 
with 86 cm catalyst bed depth. The reactor was removed 
and the catalyst emptied to allow both to be checked 
before adding extra catalyst to the reactor. This also 
allowed the catalyst to be consolidated by tapping the 
reactor wall, inaccessible in the fluid bed. 
Recycle runs 
These were performed with an 85 cm catalyst bed depth 
ensuring high conversion levels. Tail gas was fed from 
the phthalic anhydride collection drum to the inlet side 
of the reactor air blower by means of 2.5 cm bore P.V.C. 
tubing. The recycle ratio was varied by regulating the 
fraction of tail gas fed to the blower. 
Double flowrate runs 
The reactor was reversed to avoid transport of catalyst 
pellets out of the reactor. Thus the top section of 
the catalyst limb acted as the preheat zone and due to 
its insufficient length, the feed entered the catalyst 
bed approximately 10°C below the fluid bed temperature. 




4. Diluted bed runs 
The diluant used was 0.63 cm diameter spherical alundum 
spheres. Since a mix of the irregular shaped catalyst 
pellets (average equivalent diameter=0.63cm) andth alundum 
spheres separated into the two components on pouring 
the mix into the reactor giving pockets of pure catalyst 
and pure inert, the reactor was packed pellet by pellet 
in the required dilution ratio. Thus a good 
approximation to the required dilution ratio was given, 
allowing apparent isothermal conditions to be approached. 
(b) 5.1 cm diameter reactor 
To allow the performance of the larger diameter reactor 
to be investigated, a larger capacity blower, rotameter 
and burette, to act as the o-xylene reservoir, were 
required. The replacement blower was a 36AFS/A Holmes 
positive displacement Roots type blower, driven by a 
1.5 h.p. Newman motor. The rotameter was a metric 35 . X 
type which allowed monitoring the reactor air flowrate 
using a relatively low float position. This minimised 
the fluctuation in float position due to the unsteady 
delivery from the blower. A 250 ml burette allowed a 
40 minute period between recharging the reservoir for 
runs at the highest inlet o-xylene partial pressure. 
A thermocouple was fixed in a position allowing the 
temperature halfway along the radius, approximately 15 cms 
from the start of the catalyst bed, to be monitored. 
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Approximately 1 cm downstream of the radial thermocouple, 
a thermocouple was soldered into a recess reamed in the 
wall, allowing the wall temperature to be monitored. 
These were in addition to the normal axial thrmocouples. 
The total mass of catalyst and inerts employedfo:r the 
diluted bed runs was such that it was decided to pour 
the premixed batches of catalyst plus inerts into the 
reactor, rather than pack the pellets individually. 
This action was justified since the policy was not to 
attempt isothermal conditions, but to lower the active 
catalyst mass per unit reactor volume. 
The runs employing a pure catalyst charge were performed 
using a packed length of 63 cm (1.28 kg catalyst). The 
dited catalyst runs employed a varying dilution ratio 
over the bed. These ratios are giver, in the discussion 
of the performance of the reactor in the next chapter. 
All runs in the foregoing section were performed using 
an approximately 1 uole % o-xylene in air feed, except 
for the diluted bed runs in the 2.5 cm diameter reactor 
and the pure catalyst runs in the 5.1 cm aaiueter reactor. 
The normal reactor air flow to the 2.5 cm diameter reactor 
was 34 litres/min.to the 5.1 cm diameter reactor 136 litres! 
minute. 
The procedure detailed in the following paragraphs was 
common to all experimental runs performed. 
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The fluidised bed was allowed to warm up overnight. At 
the beginning of the experimental day, the fluid bed 
was shut down, the sand carry over returned to fluid 
bed and the bed started up again. The reactor air 
blower was switched on, and while the air preheater 
reached its working temperature ( - 4000C), the analytical 
instruments were set up. The therinostated water bath 
for the naphthalene saturator was switched on. The 
hydrogen and air flows to the flame ionisation detector 
were turned on, the nitrogen carrier gas flows to the 
columns being left on through the week. The flame 
was ignited and the signals from the two columns were 
balanced by adjusting the flow through the unused column. 
The sampling valve assembly plus pipework were left at 
temperature throughout the week, as was the chromatograph 
oven. 
The oxygen and carbon dioxide meters were zeroed using 
B.O.C. oxygen free nitrogen. The full scale deflection 
on the oxygen meter was checked by flushing the sample 
cell with B.O.C. oxygen (99.7 % 02) and the 20.9 % reading 
was checked using B.0.C. air. The carbon dioxide 
calibration curve was checked at two points using sytbetic 
CO  in nitrogen samples made up in a glass aspirator of 
approximately 1 litre in volume. Carbon dioxide 
(Distillers, 99.9 % CO2) was injected into the stoppered 
bottle through a chromatograph septum using a 50 ml 
Plastipak syringe. 
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Similarly, 50 ml samples were taken from the bottle using 
the syringe to flush the sample cell with the sample. 
This procedure was necessitated since the CO  meter 
exhibited a drift in calibration from week to week. 
The carbon dioxide meter was left switched on over the 
week since its high thermal capacity demanded several 
hours warming up period. The oxygen analyser required 
only 5 minutes to warm up. 
With all units at their required operating conditions, 
the Kent recorder monitoring the catalyst bed temperatures 
was switched on. With steady bed temperatures being 
recorded, the o-xylene metering pump was switched on. 
Chromatographic samples could be taken at any time, once 
the previous sample had been analysed, allowing 
sampling every 9 minutes. Thus it was difficult to 
monitor the startup behaviour of the reactor, with 
uncertainty over relating the monitored dynamic temperature 
profile with the chromatograph sample. Thus only 
steady state samples are discussed in later sections. 
Steady state, reached within half an hour of a 
perturbation in either the o-xylene feed rate or fluid 
bed temperature, was indicated by steady carbon dioxide 
and oxygen concentration in the exit reactor gas, 
reproducible chromatograms and pseudo-steady temperature 
profile which exhibited a slight drift up and down the 
bed. 
72. 
The ;experimental reading Stken were as-follOws, an:. 
estimate of the absoiutepércentageerrôr irvo-1v-ed.. 
being included. 
Reactor temperature profile 
o-xylene flowrate 
Air flowrate 
CO  % (outlet) 
02 % (outlet) 
Naphthalene saturator temperature 







The oxygen analyser, having a scale of 0 - 100 01S 02, was 
used only in the range 15 - 21% 020 The-reading could 
not be obtained more accurately than (% 02 ± 0.1)%. 
This was quite a large possible error from mass balance 
considerations since, for a 1% o-xylene feed, on a basis 
of 100 moles, 0.2 moles of oxygen could be accounted 
for by 20% of the o-xylene fed reacting to o-tolualdehyde. 
Thus an oxygen usage figure obtained by difference was 
none too reliable. However, the use of the oxygen 
analyser to determine the ratio of the naphthalene 
standard stream to the exit reactor gas stream in the 
chromatograph sample did not suffer the above inadequacy 
since a ratio of the oxygen readings was used. 
Leak testing was performed both on the reactor alone, 
with the reactor removed from the fluid bed, and on the 
whole system. 
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The former test was satisfied if the reactor held 
25 p.'s.ii. approximately for one minute. 	The total 
system was tested by closing all valves and, with the 
reactor air blower developing a 10 p.s.i. pressure 
drop over the system, observing no movement of the 
rotaineter float off its rest. A small flow will occur 
without disturbing the float, but with the normal 
system operating pressure of 3 p.s.i., the test was 
considered sufficient. 
Rotameters were calibrated in position using either 
a wet gas meter ( maximum flow 50 litres/minute) or a 
bellows gas meter (maximum flow 150 litres/minutes) 
with the fluid bed at operating temperature. Periodic 
checks were made on the calibration. The meters 
were calibrated using a 300 litre capacity bell. 
The catalyst used for all runs was the same as previously 
used by Caldwell 
[36  being supplied commercially, and 
consisted of 9% by weight V 2 0 5 
 on Silicon Carbide. 
The active component was confined to, the external 
surface of the support. 
The pellets were of the form of irregular granules, with 
a mean equivalent diameter of 0.63 cm. Their bulk 
density in a 2.5 cm diameter tube was 1000 kg/rn 3 , the 
solid density being 2180 kg/rn3 , determined by water 
displacement. Thus the bed voidage for a 2.5 cm packed 
bed was 0.56. The surface area was approximately 0.2 m2/gm. 
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A crushedunple of the catalyst was analysed by flame 
photometry* and indicated no foreign element in 
concentration larger than approximately 0.1576 by weight. 
However,due to either possible screening effects of the 
Silicon carbide, or inaccessibility of complexed species,- 
the results must be viewed with a certain scepticism, 
although the behaviour of the caralyst will be seen to 
be of the unpromoted American type. 
The inerts used for the dilution runs were 0.63 cm 
alundum spheres, supplied by Norton Abrasives Ltd. 
Their composition in the main was AL203 (90.47o) and 
Si02 (8.4657o) with various small percentage metal oxides.. 
In a 2.5 cm diameter tube the bulk density of the 
spheres was 1000 kg/rn3 , allowing easy calculation of 
amounts required for specific dilution ratios. 
Phthalic anhydride, phthalide, o-tolualdehyde and 	- 
o-xylene, all of 99+% grade, were supplied by R.E. 
Emmanuel. Maleic '.nhydride and Naphthalene, both of 
99% grade, were supplied by British Drug Houses. 
*Acknowledgements are due to (1) Geology Department 
(2) Department of Forestry 
and Natural Resources, Edinburgh 
11 	 University. 
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CHAPTER 4 
EXPERIMENTAL RESULTS AND DISCUSSION 
4.1 HOMOGENEOUS O-XYL.ENE COMBUSTION 
A check was made on the possible homogeneous combustion 
of o-xylene within the reactor. With the reactor 
emptied of all packirzgs and using normal flows, the o-
xylene conversion was measured for the range of fluid 
bed temperatures 458 - 485 0C. At the highest temperature 
studied, 90% of the o-xylene was recovered, 3% combusting 
to CO  and 775 forming o-tolualdehyde. It is probable 
that these products were, at least in part, the result 
of vanadium catalysed reaction since the internal 
surface area of the reactor was subject to dusting by 
the vanadium pentoxide which loosely coated the silicon 
carbide support. 
Although it may be concluded that significant homogeneous 
o-xylene combustion does not occur under the conditions 
studied (approximate residence time within the system 
2 seconds) its possible occurrence under catalytic conditions 
cannot be dismissed. 
4.2 CONVERSION AND SELECTIVITY AS A FUNCTION OF CATALYST 
BED DEPTH AND FLUID BED TEMPERATURE 
Using approximately constant air and o-xylene flowrates, 
34 litres/minute and 1.65 cc/minute respectively, the 
conversion of o-xylene to its products of reaction was 
measured for a range of catalyst bed depths at different 
76. 
fluid bed temperatures (F.B.T.'s). 	The integral, 
conversions are presented in Figures (i-'). 	The 
carbon mass balance for the data presented was of the 
order 94 to 106 mole 3. The discrepancies may be 
attributed in the main to tailing of the phthalic 
anhydride and phthalide chromatograph peaks and to the 
presence of carbon monoxide as undeternined product. 
The % dilution by the naphthalene/nitrogen stream of the 
sample of reaction products was influenced by system 
pressure drops and required careful monitoring to allow 
an accurate mass balance. The graphs represent a 
condensed version of the data obtained with on average 
four chromatograph samples being taken at each temperature. 
It may be seen that at all conversion levels of o- 
xylene, both o-tolualdehyde and phthalide are intermediates 
of further oxidation products. Maleic anhydride appears 
in increasing concentrations as the phthalic anhydride 
concentration increases. 
Neither toluic acid nor benzoic acid were quantitatively 
identifiedalthough very small peaks giver during an 
analysis at positions equivalent to the above acids 
suggested their presence in very small concentrations. 
The maximum oxylene conversion to o-tolualdehyde was, 
on average, 2076 and to phthalide, 109 75. A maximum 
maleic anhydride concentration equivalent to 10% o-xylene 
(assuming one mole of o-xylene reacts eventually to one 
mole of maleic anhydride ) was given indicating that at the 
higher temperatures over longer beds of catalyst, 
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the maleic anhydride combusts further. The maximum 
yield of phtha].ic anhydride was slightly greater than 
70 mole % of the o-xyleno fed(if allowance is made for 
the mass balance erro, occurring at the higher fluid 
bed temperatures (440°C) and longer catalyst beds (86 cms). 
The data suggest carbon dioxide to originate initially 
purely from the o-xylene oxidation step, since the carbon 
dioxide increases steadily as the o-xylene decreases, and 
in the absence of significant o-xylene reaction, 
significant increases in carbon dioxide do not accompany 
the o-tolualdehyde reaction. However, since there is 
a maximum in conversion of all intermediates of phthalic 
anhydride on increasing the temperature, there may be 
some combustion of intermediates. This is reflected in 
the selectivity figures for phthalic anhydride and 
hydrocarbon intermediates of phthalic anhydride. The 
combined selectivity to useful hydrocarbon is pprociinately 
80 mole % until, as the high temperatures and longer beds 
are experienced, the selectivity drops to approximately 
70 mole %, equalling the phthalic anhydride selectivity. 
If intermediate combustion is not postulated, then 
combustion of phthalic anhydride itself, when subjected 
to the more extreme conditions, may occur. Determining 
the overall reaction is obviously difficult from non - 
isothermal integral conversion data. 
Attempts to ascertain whether carbon monoxide was present 
in the reactor tail gas were unsuccessful using a carbon 
monoxide oxidation catalyst 'Hopcalite'. 
78. 
The Hopcalite, a mixture of 6095 MnO. and 40% CuO 
supplied by Gorman-Slebe of London, was a most active 
oxidation catalyst and proceded to oxidise the volatile 
hydrocarbon components of the tail gas, as well as any 
possible carbon monoxide, giving impossible values for 
possible carbon monoxide content. Attempts to remove 
all hydrocarbons were unsuccessful and hence the attempt 
was abandoned. 
A sample of tail gas was fad to an infra-red carbon 
monoxide meter,however, during the chance visit of a 
salesman demonstrating the same. With a packed bed 
depth of 86 cm and a fluid bed temperature of 410 0C, 
1% of the ocylene fed was found to be present as carbon 
monoxide. Obviously this percentage was dependent on 
operating conditions, but it was lower than might have 
been expected from data in the literature. However 
there may have been further reaction of any carbon 
monoxide present at the bed exit before the tail gas 
was analysed since the exit stream from the packed 
section was not quenched immediately. If the value was 
a true bed exit percentage then it suggests that any 
combustion occurring in the later sections of the bed is 
minimal. 
The maximum yield of phthalic anhydride appears to be 
5% higher than the yields obtained using the water 
cooled condenser to collect the solid product, 
79. 
It must be presumed that product loss was occurring at 
the condenser, due either to super-saturation of the exit 
condenser gas stream or, as calculations predict, conditions 
at the condenser exit were such as to allow approximately 
473 of the oxylene fed to be present as phthalic anhydride 
and phthalide in the vapour phase at equilibrium. It 
must be noted however that the calculations were performed 
with extrapolated partial pressure data. Thus coupling 
this probable loss of solid product with the presence 
of maleic anhydride, and at the lower fluid bed 
temperatures o-tolualdehyde, previous discrepancies in 
the carbon mass balance are understandable. 
With sufficiently long catalyst beds to allow complete 
o-xylene conversion, the hot spot temperatures were of 
the order of 100 0C above the feed temperature, being 
independentof fluid bed temperatures, see Figure(t). 
These were somewhat lower than those reported by 
CaldwelPAio found 'over-temperatures' of approximately 
150°C. Similar over-temperatures were noted in this 
work during the approach to steady state conditions, 
but the temperature profile became less severe as the 
stationary state was attained as shown in Figure (.t), 
the profiles being for a fresh batch of catalyst. Since 
Caldwell had problems with changes in system pressure 
drop as the solid products of reaction built up in the 
collection systexn,a true steady state may not have been 
reached. 
80. 
The presence of thermocouples only every 30 cm also 
meant that the complete temperature profile of the reaction 
zone had to be interpolated by Caldwell from, at the most, 
three thermocouple readings. 
Watt[34] v in addition to studying o-xylene oxidation in 
a C.S.T.R, used an aluminium reactor of 30 cms length, 
5.0 cm diameter packed to a depth of 10 cms with a 3:1 
diluted catalyst bed. The diluent used was 0.48 cm 
diameter alundum spheres. A maximum in selectivity of 
65 mole 93 to phthalic anhydride was given at a wall 
temperature of 4200C and a flow of 10 litres per minute. 
(Rep 
 -
12-20). The overtemperature monitored was approximately 
100°C. 	Increasing the wall temperature or decreasing 
the flow caused the selectivity to drop. With a wall 
temperature of 4700C and a flowrate of 2.5 litres/ 
minute the selectivity was 2573. However it is probable 
that homogeneous combustion of phthalic anhydride occurred 
in the unpacked section of the bed at the extreme 
conditions since with a flow of 10 litres/minute the 
residence time in the void section after the bed was 
approximately 4 seconds at 450 0C, Another possible 
loss of phthalic anhydride could have occurred at the 
solid product condenser which was used to collect products 
for analysis. 
To ascertain how insensitive phthalic anhydride produced 
in the reactor was to combustion ,and hence how extreme a 
set of operating conditions could be experienced without 
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there being a significant drop in the. yield of phthalic 
anhydride, tests were carried out on both the catalytic 
and homogeneous reactions. 
Increasing the fluid bed temperature to its maximum of 
4949C and adding in succession a depth of (1) 60 cm of 
catalyst, (2) 53 cm of alundum spheres and (3) 30 ems 
of 0.6 cm stainless steel 'rings', cut from a length of 
0,6 cm O.D. tubing, to an existing bed depth of 60 cm 
of catalyst, the yield of phthalic anhydride dropped 
only to 65 mole % (see Appendix (7) for table of 
results). The residence time within the total packed 
section was 0.35 seconds. The overtemperature within 
the catalyst section was approximately 1000C (FBT = 
4940C), suggesting further that there was no significant 
increase in combustion under these extreme conditions. 
However on feeding the uncooled tail gas from the 
reactor packed with 30 cm of catalyst to a 1.3 cm bore 
empty stainless steel 'U' tube held at 500 0C, the 
equivalent of 50573 of the phthalic anhydride in the tail 
gas (50 mole% of o-xylene using a 176 feed) combusted, 
as indicated by the increase in carbon dioxide percentage. 
The residence time within the 'U' tube was approximately 
2 seconds. Thus although the phthalic anhydride was 
susceptible to homogeneous combustion, it appeared to 
be remarkably resistant to catalytic reaction within the 
above system. The alundum spheres appeared to be truly 
inert, as did the stainless steel rings, 
-, 
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The residence time within the -.:catalyst section-in-the 
tests was approximately 0.2 seconds although the hot-
spot temperatures would be experienced for only a small 
fraction of the total residence time and from previous 
data it is probable that less than 503 of the final 
phtha].ic anhydride yield had actually been formed at 
the section of the bed corresponding to the hotspot. 
One possible explanation of the apparent resistance of 
phthalic anhydride to combustion could be the presence 
of inhibitors in the reaction gases. Bernadini and 
Ramachi 1 mention three possible candidates for the 
inhibition, namely carbon monoxide, carbon dioxide or 
maleic anhydride. They found phthalic anhydride 
produced as 'a result of o-xylene oxidation to be much 
more resistant to combustion than pure phthalic 
anhydride which, under the same conditions, readily 
combusted. Since the three suggested inhibitors are 
most probably products of phthalic anhydride combustion,-
one would expect to observe their inhibiting influence 
during the combustion of pure phthalic anhydride. 
However, to investigate the possibility of some component 
of the product stream effecting this inhibition, the 
tail gas of the reactor, after condensing out the solid 
products, was fed to the inlet of the reactor air blower. 
It was found that the larger percentage of tail gas in 
the reactor air feed stream, the greater was the apparent 
depression, or resiting downstream,of the temperature 
profile and hence the reduction in the overall rate of 
reaction. 
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Typical temperature profiles before, during and after 
operation in the recycle mode are given in Figure (tb). 
Normal temperature profiles were given after flushing 
the bed at temperature with the pure air feed. No 
change in selectivity to useful hydrocarbon was observed 
and only a small decrease in o-xylene conversion 
occurreddue possibly to only the earlier sections 
of the bed being affected by the presence of an inhibitor, 
which subsequently reacts in the later sections of the 
bed. Exit concentrations of o-tolualdehyde and phthalide 
were marginally higher, again suggesting a lower overall 
reaction rate. Apart from the known components of the 
tail gas which have sufficiently high vapour pressure 
to remain in the tail gas after the large 'solids' 
collection drum , namely o-tolualdehyde and maleic 
anhydride, many unknown trace components of the tail gas 
were observed on increasing the amplification of the 
chromatographic analysis system. 	It was presumed 
that it was these species which gave the tail gas its 
pungent lachrymatory characteristic. 
Since carbon dioxide in the tail 
the first tests to attempt to di 
inhibiting component of the tail 
up to 5 mole % carbon dioxide to 
figure was more than three times 
carbon dioxide concentration. 
gas 




was also recycled 
r the apparent 
involved adding 
air feed. This 
normal outlet 
'RE cc -co 	VmER. E 	QcES. - 
EccE c.. -c o; 	IE LYt. - -cc 	c- cs 
... 	 °/ 	 ct 
-c'o-rch.. 9, oJcrPrr 
 
I 	sc'oi 	ci 	Poc'- 
N9.cnL 
2. 	P'tL. 	 ?Ec..'t'L..t. • 
('z.o 4it4) 
3 	OtE O 	 o 
¶EPc'J  
0 	 M op  E , 








0-1 	o•. 	 0.'- 	 O2 
() 
Note: Reactor reversed, initial setions of bed acting as preheat zone. 
3 
4 
4 :f 0  
flG- a - REcc-coc. 1Em PEP, \ - J 	OcL 
cEc -c of  
(-ON 	1' or4s 	V% t-I 	 Gr F- 
-- AS 	PP.'Ev%our 	P4 
c . o 
a c 
 
0 	 o. 	O-Z 	0.3 
	 0.46  
%E- C) DEP-\ Lw) 
84. 
No measurable effect on either the selectivity or 
phthalic anhydride yield was discernable. Maleic 
anhydride, suspended in the liquid o-.xylene feed, in 
concentration equivalent to 5 mole 3 of the o-xylene 
gave inconclusive results. A slight lowering of the 
temperature monitored 10 cm from bed inlet occurred 
during the first run performed using the synthetic 
feed. However on repeating the run no similar 
lowering was observed. In both cases no significant 
change in selectivities was observed, the o-xylene 
conversion remaining constant. The runs were 
performed with the first few ems of bed acting partly 
as a preheat zone (reactor reversed). 	In this mode 
the initial section of the bed was sensitive to flow 
perturbations and this may explain the result of the 
first run. Lastly addition of 0.8 mole 9 73 carbon 
monoxide to the reactor air feed similarly resulted in 
no observable change in the o-xylene conversion and 
selectivity. 	It was thus concluded that neither 
carbon oxides nor maleic anhydride caused the observed 
Change in the temperature profile on recycling the tail 
gas. 
Another possible explanation could have been the lower 
inlet oxygen partial pressure whichi with the largest 
recycle ratio used, was 5033 lower than that without 
recycle. 
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The dependancy of the phase composition of vanadium 
oxide catalyst on oxygen environmentmentioned in 
Chapter 1 1wOuld result in a change in the oxide 
composition of the vanadium catalyst with a possible 
resulting change in activity. 	It would be expected 
that with the lower oxygen concentration, a lower 
oxide state would be given. However, the literature 
appears to be in contradiction concerning whether the 
lower oxide states are less active or less selective 
than the higher óxida Doubling the reator 
throughput resulted in no change in the selectivit3 to 
useful hydrocarbot but since an insufficient depth of 
packing was used, the o-xylene conversion was only 
approximately 80% over 86 cm of catalyst bed with a 
fluid bed temperature of 420 0C. The overtemperature 
appeared to be approximately 30 0C lower than that 
obtained using the lower throughput. Since the feed 
entered the packed section below the fluid bed temperature, 
the difference between the hotspot temperature and the 
fluid bed temperature is no longer a valid measure of the 
over temperature. 
Increasing the inlet o-xylene partial pressure by 5075 
using otherwise standard conditions resulted in an 
apparent deactivation of the catalyst. A hotspot 
temperature of 6000C was monitored, which slowly fell 
to the value typical of a standard run. 
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However, on reducing the inlet o-xylene partial pressure 
to 0.01 atmospheres, the temperature levels fell with 
no maximum in the profile and no suggestion of an 
increase in activity after one hour. The profiles are 
summarised in Figure (u,). There appeared to be a 
small decrease in the selectivity to useful hydro-
carbon with the initial high bed temperatures, but as 
the temperature levels fell, the selectivity showed 
no significant departure from those obtained under 
standard conditions. 
On examining the catalyst charge, a large percentage 
of the pellets which experienced the high bed temperatures, 
in the 8 cm section bracketing the hotspot, were 
completely black in colour. Other black pellets were 
to be found mixed with pellets of a brown, speckled 
yellow colour, the latter constituting the main portion 
of the packing. Under normal operating conditions, an 
array of catalyst pellet colours from bright yellow 
through to dark brown, with speckled combinations, was 
given. Generally, the hotter the region of the bed, 
the darker the colour. 	If a sufficiently large batch 
of catalyst was used in the rea'tor resulting in the tail 
end of the bed being unused, its colour was unchanged 
from that on charging, unlike the pellets upstream. 
No measurements of the surface composition were made; 
thus whether the range of colours indicates a range of 
oxide states is open to speculation. 
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As mentioned earlier several workers, including Weiss 
et al[h13] who studied naphthalene oxidation, have 
reported more than one oxide of vanadium present in a 
used batch of catalyst. A rearrangement of the oxide 
structure of the vanadium could well explain the 
apparent settling of the observed temperature profile 
after an initially high exotherni during startup, in 
addition to the normal dynamic response of a fixed bed 
reactor. This would similarly explain the higher 
overtemperatures observed with a fresh batch of catalyst. 
No loss in selectivity accompanied these temperatures 
and the activity levelled out within 10 hours of 
operation. 
A simpler explanation of the black colour of the pellets 
would be the formation of a layer of carbon on the 
catalyst surface. 
At this juncture a few conclusions will be drawn:- 
A possible reaction scheme suggested by the data for 
the particular batch of catalyst is 
o-xylene o-toluaidehyde -, phthalide phthalic anhydride 
4, 
C12 	 maleic anhydride 
+ 	CO  
The phthalic anhydride combustion step could be 
approximated further to carbon dioxide formation. The 
selectivity to useful hydrocarbon is determined largely by 
88. 
the initial attack on the o-xylene molecule, the 
activation energies for the parallel steps being equal. 
Phthalic anhydride combustion occurs, but only to a small 
extent under the conditions of reaction, the reaction 
being possibly inhibited by a component of the gas 
stream. The constant overtemperatures observed as the 
fluid bed temperature was increased suggest the overall 
rate controlling steps to have low activation energies. 
High partial pressures and/or high reaction temperatures 
appear to deactivate the catalyst. 
Ignoring possible axial dispersion effects, the conversion 
levels for the individual bed lengths studied may be 
combined to give approximate axial conversion profiles. 
Such profiles for fluid bed temperatures of 410 0C and 
440°C are presented in Figures (21 1t) 
With large tonnage processes, a small increase in 
product yield would represent a valuable increase in 
overall production. Unfortunately the accuracy of the 
mass balance given with the analysis method employed did 
not permit a critical analysis of optimum operating 
conditions. However the results obtained suggest that 
a good yield, by industrial standards, may be obtained 
over a range of fluid bed temperatures with a 1 mole % 
feed. 
4.3 DETERMINATION OF O-XYLENE DISAPPEARANCE KINETICS 
USING DILUTED CATALYST BEDS 
A trial dilution ratio of aprccimately 3:1 (inerts:catalyst) 
by weight was used to gain a measure of the dilution 
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required for near isothermality. The depth of the. 
resulting bed was 2 metres. Using a 1 mole % o-xylene 
in air feed, total flow 34 litres/minute, an over-
temperature of 41 0C was given, operating with a fluid 
bed temperature of 417 0C. Obviously a much larger 
dilution ratio was necessary) but reducing the inlet 
o-xylene partial pressure to 0.0014 atm allowed an 
apparently isothermal bed to be obtained over the 
complete conversion range of o-xylene. Further data 
using different inlet o-xylene partial pressures were 
obtained on repacking the bed using a 13:1 dilution ratio. 
Since removing the reactor to allow repacking involved 
the loss of two to three experimental days,due to 
cooling down and warming up etc., it was decided not 
to vary the effective reaction time. The philosophy 
behind this particular section of work was purely one 
of gaining approximate values for the o-xylene 
disappearance rate over as large a range of temperature 
as possible. The nature of the rig was such that it 
was not possible to perform sophisticated kinetic 
experiments. Thus the independent variables were 
inlet o-xylene partial pressure and catalyst bed 
temperature. The dependant variable was the integral 
exit conversion of the o-xylene. Although data were 
available on the conversion of o-xylene to the individual 
products it was decided not to fit the data to the 
kinetic scheme suggested earlier since, having correlated 
the data using the solutions to six simultaneous 
90. 
differential equations, the parameters obtained would 
be highly correlated and possibly exhibit a low 
reliability. However sufficient data were obtained to 
allow comparison with the rate data of Watt 	 which, 
if extrapolated above 4300C, resulted in malprediction 
of reactor performance. 
The integral data required to be fitted to the integral 
form of the isothermal plug flow reactor modelw1iCh involves 
the particular form of the rate equation to be investigated. 
To simplify the analysis, no allowance was made for finite 
heat and mass transfer at the pellet/fluid interface. 
For all but the highest temperature data points the 
influence of mass transfer on the measured rate was less 
than 15. Assuming the reaction to be first order in 
o-xylene partial pressure, the expression for the first 
order rate constant is simply 
k 	ln(l-X) kmoles hr atm kgcat 1 
An analysis of the dependancy of the o-xylene disappearance 
rate on oxygen partial pressure was not performed for 
two reasons. Firstly there was the possibility of 
significant error in the measured oxygen concentration, 
a characteristic of the oxygen meter,and secondly the 
inlet oxygen partial pressure could not be easily varied 
and hence only a narrow oxygen partial pressure range 
(equivalent to the oxygen usage for -reaction) was 
available. 
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With such a large excess of oxygen it is difficult to 
envisage a kinetic oxygen dependancy, although results 
to the contrary are present in the literature. 
A fluid bed temperature range of 370 - 484 0C was 
investigated but at the higher temperatures and partial 
pressures, bed 'overtemperatures' of greater than 5 0C 
were monitored thus excluding the resulting data from 
a kinetic analysis. However the higher fluid bed 
temperature runs are reviewed in the next section. 
The results of analysing the kinetic data obtained in 
the temperature range 370— 465 °C and-inlet partial 
pressure range 0.142 x 10_ 2  - 1.2 x 162 atmospheres 
o-xylene,on the assumption of a first order rate law,are 
given in Figures (tq,o) in the form of Arrhenius 
plots of the rate constants. 	It is apparent that the 
assumption of a first order process is invalid since 3on 
tie basis of the inlet o-xylene partial pressures,the 
data plot as isobaric Arrhenius lines. The lower 
the inlet partial pressurethe larger the first order 
rate constant at a given temperature,suggestive of 
adsorption/desorption effects following a Langmuir 
Hinsheiwood mechanism. 
The data exhibit a fair amount of scatter. The reason 
for using a Langmuir Hinsheiwood model with its larger 
number of adjustable parameters is, in part, merely 
convenience to allow the data to be fitted to a single 
expression. 
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The resulting parameters must not therefore be viewed 
as being of any great significance concerning the nature 
of the processes occurring on the catalyst surface. 
The simplest heterogeneous rate model takes the form 
r Içp_ 
l+Kp 
and may be interpretated in several ways to allow for 
the influence of different combinations of processes 
occurring on the catalyst surface [h1] 	For example, 
assuming reversible o-xylene adsorption plus irreversible 
chemical reaction and product desorption occur,thenk 
is equivalent to the product of the surface reaction 
rate constant and the adsorption equilibrium constant 
and K is equivalent to the adsorption equilibrium 
constant. 
Apprqximatig Langmuir Hinsheiwood kinetics by a first 
od?r cinetic law results in a partial pressure 
dependant fizt order rate constant and the higher the 
partial pressure of reactant, the lower the apparent 
first order rate constant. This is apparent in the 
data of Figures (2,0). 
The sudden decrease in the observed activation energy 
at approximately 440 0C may be explained by one or a 
combination of several factors. At the higher 
temperatures,the lower hydrocarbon partial pressures over 
the later sections of the catalyst bed may result in the 
denominator of the Langmuir Hinsheiwood model becoming 
93. 
insignificant compared with unity and hence a true first 
order rate constant may be suggesting itself. 
A second possibility may be the influence of finite 
interphase transport which becomes significant as the 
higher chemical rates are experienced. For a 
measured rate constant of value 2.0 kxnoles hr' atm 1 
kgcat, the true kinetic rate constant,corrected for 
the finite rates of mass transfer s was estimated to be 
approximately 80575 larger under the flow conditions 
employed in the bed. However, this analysis ignored 
the probable associated temperature effect with the 
pellet surface being at a higher temperature than the 
bulk fluid. The corrections would thus be, at least 
in part, self-compensating and a similar trend in the 
data would be given. 
If it were assumed that the initially high activation 
energy was due purely to o-xylene inhibiting the apparent 
first order reaction at the lower temperatures,then the 
data appear to be in contradiction. The series of first 
order rate constants for the highest inlet partial 
pressure exhibit the lower activation energy at the 
higher temperatures,with an exit o-xylene partial pressure 
greater than that of the lowest inlet o-xylene partial 
pressure, the data for which give the same initially high 
activation energy. 
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Thus a third possible reason for the phenomenon is a 
change from a high activation energy to a low activation 
energy rate controlling mechanism for o-xylene disappearance s 
as the temperature of reaction is increased. 
From Figure (tc%) it may be seen that the 0.01 atm 
inlet o-xylene partial pressure data agreed quite well 
with the data of watt 1 . However, Watt, due to 
overcombustion problems, limited his maximum temperature 
to 4300C and was also forced to back calculate the 
partial pressure at which the CSTR operated thus 
introducing the possibility of large errors in his 
rate data. 
Above 4400C, the apparent first order rate constant has 
a low activation energy as suggested by the Arrhenius plot of 
the effective overall rate constant predicted from the 
experimental reactor temperature profile in Figure (6 ) 
of Chapter 2. 
It was decided to correlate the data in two parts for 
the high and low temperature regions,bracketed by 
the two activation energies,using both a power law type 
rate model and the two parameter L.angmuir Hinshelwood 
model. 
For the power law model 
r=kp 
the integrated isothermal plug flow reactor model gives 
)4PTWk 	(NAbPT) ' 
+ 	l- 	((1-X)-l) = 0 
95. 
and for the Langmuir Hinshelwood model 
r= 1  ap 
there follows 
- 	 a.W.P ,M 
-ln(1-X) + b.NAO.PT.X - 	 = 
To avoid the high correlation between pre-exponential 
factor and activation energy it is necessary to use 
isothermal data sets. Since the data were obtained 
over a range of fluid bed temperatures, the conversion. 
levels were corrected to convenient base temperatures 
to allow grouping of the data. This required a first 
estimate of the activation energy, using the following 
method of correction: 
For a first order reaction in a plug flow reactor, the 
isothermal conversion at temperature T is given by 
X = G j where k = exp(S-E/RT) 
If conversion X1 is obtained at temperature T 1 , then 
the corresponding conversion at T2 is given by 
X2 = 1 - (1-X1) ; 	exp( 	- 
The activation energies for the apparent 1st order rate 
constants were obtained from Figure (30). The data 
were correlated at eleven temperatures,in the range 
375 - 4650C,using an IBM contributed non linear least 
squares parameter estimation package. 
96. 
The functions minimised were 






ln(1-X) + b 	
a.W.PT.M 2 
1 ( - .NA P X O.T. - 	Gc& = S 
n = no.. of data points at one temperature. 
A more statistically valid analysis of the data would 
have involved the minimisation of the function 
1E 
n 
1 (XOBS XLc) = S 
thus allowing statistical information of the parameter 
estimates to be computed directly using the IBM package. 
However, it was considered that the more rigorous 
analysis was not justified since further kinetic data 
were being obtained in a parallel scheme of work. A 
measure of the goodness of fit of the models may be 
obtained from the sum of residuals of (X0 	
2 - 
calculated separately and given towards the end of the 
Chapter. 
If no bounds were put on the value of the order of the 
reaction for the power law model, six of the data sets 
gave a minimum in the function value with an order of 0.4 1 
the remaining five sets gave an order in the range 
0.53 - 0.55. Since the 0.4 order was spread 
throughout the temperature range, the data were correlated 
using a constant order of 0.4. 
The resulting rate constants are given in Figure ((). 97. 
The pre-exponential factor and activation energy were 
correlated using linear least squares, the temperature 
region being considered in two sections since the slope 
of the Axrhenius plot showed a significant decrease 








375 - 430 36000 22.70 
435 . 465 15000 7.31 
There was no specific trend in the values of the 
parameter in the denominator of the Langmuir HinsheJ.wood 
model, the values ranging from 54 atm to 1610 atm. 
Prior to the isothermal two parameter analysis of the 
data, a four parameter analysis(involving temperature 
as an independe.nt variable)resulted in the prediction 
of the pre-exponential factor for the denominator 
parameter.as exp (5.7) and an activation Qnergy of 10 .22 
kcal kinole' 1 . 
Thus a constant value of exp(5.7) or 300 atm was 
used to correlate the data. The parameter in the 
denominator is normally equivalent to an adsorption 
equilibrium constant. A constant value over a range 
of temperature implies that the energy of activation 
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Since the heat of adsorption is normally quoted as being 
small, it was felt that the choice of a constant value 
was justified as a first approximation. 
Again considering the temperature range in two sections 
a linear least squares analysis gave the parameters of 
the Arrhenius equation for parameter a of the Langmuir 
Hinshelwood model. These are listed below in Table (6) 
Temperature 2. Activation 
Range 	°C ln(pre-.exponential factor) Energy -1 kca]. kinole 
375 - 430 23.98 33000 
435 - 465 12.33 16000 
The activation energy at the higher temperatures is 
larger than was suggested by the first order analysis 
of the data. The anomaly may be explained by the 
use of the constant valued parameter in the denominator 
and the high correlation between the two parameters 
due to their joint estimation. A slight negative 
temperature dependancy of the denominator parameter 
would result in the numerator parameter increasing less 
rapidly as the temperature increased, to allow prediction 
of the observed rate. 
A comparison of the predicted conversions using the 
above parameters for both the power law model and 
Langmuir Hinsheiwooci model with experimental conversions 
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The model equations, nonlinear in conversion, were 
solved by a simple trial and error procedure. 
The power law model allowed the experimental conversions 
to be predicted only approximately as did the Langmuir 
Hinsheiwood model. Comparing the sum of squared 
residuals 
(x 	: XCAI) = S 
in table (1) it may be seen that a marginally better 
fit is given by the Langmuir Hinsheiwood model 
Model 
n 
L 	(XOBS - Xcp) 1 
r = kp°4 0.273 
r = 	ap l+bp  0.252 
The rate parameters evaluated from the integral data 
are sensitive to the model at low and high o-xylene 
conversion levels due to the presence of the logarithmic 
function. Within the accuracy of the data however, it 
is apparent that a two parameter Langmuir Hinsheiwood 
type model adequately describes the kinetic behaviour 
of the system. 
Work in this department on phthalic anhydride combustion 
(116]bttjtd the results of Hughes and Adam -9 
found at very low phthalic anhydride partial pressures, 
conversion levels higher than those predicted by the 




Although with such low hydrocarbon partial pressures 
(<0.0005 atm) the accuracy of the data is questionable, 
a possible explanation of the observations is the 
presence of a zero order term in the total rate of 
phthalic anhydride combustion. With lowering partial 
pressures the zero order component would exert an 
increasing influence resulting in an increasing 
conversion level, higher than predicted by the above 
model. 
If a kinetic model is derived similar to that proposed 
by loffe a zero order component may be predicted 
as follows: 
It may be postulated that 
(1) o-xylene reacts with the lattice oxygen of the 
catalyst thus deciding the oxide composition of the 
catalyst by effecting a degree of reduction. If the 
two equilibrium states are arbitrarily chosen to be 
V205 and V204 then, with 6 = oxidised fraction (V205 ), 
at steady state 
k1p02 (1-9) = k2pHQ 
k1 - rate constant for catalyst re-oxidation 
- rate constant for chemical reaction between hydro-
carbon and lattice oxygen. 
It is probable that these reactions are slow 
compared with the main oxidation reactions which are 
postulated to occur between adsorbed gas phase oxygen 
101. 
and adsorbed hydrocarbon on both the oxidised and 
reduced surfaces. 
Thus: 	 PO 2 
0= 
P02 
1 +K pH 
1 + KPH 
P02 
-3 K 	/ when PH 
r K ( 
1 
is small 
i.e. most of surface is V204 . 
If the oxygen is weakly adsorbed, compared with the 
hydrocarbon, and reaction occurs in proportion to the 
amount of each surf ace,then the total hydrocarbon 
disappearance rate is given by 
( 1 -9)kPO2PH e 
r 	
k fkD2PH + k2pH
O = 
l+K2pH 	1 2H 
Reading from the left the terms allow for reaction 
at the reduced phase, the oxidised phase and reaction 
involving lattice oxygen. Compared with the other 
two terms, this last term may be neglected. 
Substituting for 0 and 1-9 assuming the catalyst is 
highly reduced there follows: 
1 	 1.
r 
= k1 P02PH + 	2 k2po2pH 
1 + K2pH (1 + K 
Assuming oxygen is in excess and hydrocarbon is weakly 




Thus as 	p 	 0 , r = k (0 order) 
p11 > 0 , r = kp (n-1) 
H .> 	, r = 	
(0 order) 
A plot of log (r) versus log 	indicates the changing 
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Although the derivation of the model depends entirely 
on the assumption of weak adsorption, since little is 
known of the exact processes occurring on the surface, 
the model awaits further information to allow its dismissal 
or substantiation. 
The main feature of the model however, is its proposal 
that the oxidation occurs in the main via adsorbed gas 
phase oxygen, lattice oxygen being involved to only a 
small extent. 
Although the experimental o-xylene conversion data did 
not appear to justify application of the model, it was 
decided that it would be an interesting exercise to 
investigate its possibilities. 
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Writing the model as 
r- Ap 1 +13p 
and incorporating it in the one dimensional isothermal 
plug flow reactor model gives on integration 
A 
(A+BC)2 log j(A+ BC)  NAO(l_X)PT+c) 
BNAO ( 1 _X)PT 	P T  W 
(A+) 
where NAO(l_X)PT = P. 
The parameter estimates obtained on fitting the experimental 
data to the above model ,as previously.,were found to be 
extremely poor on calculating the predicted conversion 
levels. This was due presumably to a combination of a 
data set exhibiting considerable scatter and the.complex 
form in which the parameters appear in the model, a 
disadvantage associated with integral kinetic data. 
Avoiding the joint estimation of the parameters is 
difficult with the form of such a rate lawbut certainly 
C at very low partial pressures and A/B at high partial 
pressures could be estimated with judicious use of a 
CSTR. 
As mentioned previously the philosophy behind this 
section on the kinetic evaluation of the catalyst was 
purely that of deciding on trends rather than evaluation 
of numbers.. 
The numbers, pertaining 
laws which allow simple 
were obtained elsewhere 
bracketing normal fixed 
model just proposed was 
description of the systi 
104. 
to empirical first order rate 
modelling of a reactive system %  
over a range of variables 
bed operation. The mechanistic 
derived for a purely qualitative 
m. 
4,4 THE PERFORMANCE OF THE DILUTED CATALYST BED AT 
HIGH FLUID BED TEMPERATURES 
A kinetic analysis of the data obtained from the 
diluted bed runs was restricted to those which were 
performed with a measured overtemperature of less than 
50C. However, the maximum fluid bed temperature 
investigated was 4760C for the 3:1 dilution ratio and 
484°C for the 13:1 dilution ratio. The dependance 
of the selectivity to both useful hydrocarbon and 
phthalic anhydride on fluid bed temperature is shown 
in Fiqures (3S31). With a 1 mole Fo o-xylene in air 
feed, a fall in the selectivity to phthalic anhydride 
occurred above a fluid bed temperature of approximately 
450 0C, in contrast to the runs performed under similar 
conditions with a pure catalyst bed. With the lower 
dilution ratio (3:1) the conversion of o-xylene was 
complete and at the lower fluid bed temperature the 
normal'-70 mole % yield of phthalic anhydride was 
given. However the yield fell to 60 mole % at 476 0C 9 
With a feed o-xylene partial pressure of 0.0014 atm a 
similar drop in phthalic anhydride yield was observed. 
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In the latter case the monitored over -temperature was 
less than 50C, as opposed to 700C with an inlet o-xylene 
partial pressure of 0.01 atm. The larger dilution 
ratio did not allow complete o-xylene conversion but 
at the higher temperatures the selectivity to useful 
hydrocarbon dropped, the conversion to phthalic 
anhydride levelling out. 
With the integral data it was not possible to decide 
whether it was the o-xylene, the intermediate or the 
phthalic arthydride which was combusting. A number 
of tests were performed to check on possible explanations 
of the observed phenomenon. An aluminium pot 
containing 0.6 cm alundum spheres, from the same batch 
used as diluent, was held at 5000C with a feed of the 
exit gas from a C.S.T.R, Present in the feed were the 
normal products of incomplete o-xylene catalytic oxidation. 
With a residence time of approximately 2 seconds, no 
significant combustion of any of the components 
occurred apart from a 1095 loss of phthalic anhydride. 
Since the residence time was approximately five times 
that experienced in the fixed bed, the possibility-of 
either homogeneous combustion occurring during the 
transit of the hydrocarbon species from catalyst 
pellet to catalyst pellet separated by alundum spheres 
or catalytic combustion occurring on the alundum spheres 
was dismissed. 
106. 
However combustion, either homogeneous or alundum 
catalysed, of a low concentration, highly reactive 
intermediate, the loss of which was not monitored 
chromatographically, could not be dismissed. 
The only apparent difference between the diluted and 
undiluted modes of operation was the presence of the 
alundum spheres (and their delaying effect on the 
vanadium catalysed reactior. The phase composition 
of the catalyst, dependant purely on environment, 
should exhibit no differences between the two modes 
of operation. Possible interaction between the 
intermediates and the internal wall of the reactor, to 
which they were exposed for a longer period in the 
diluted reactorwas negated b, a similar experiment 
to the above one 3with stainless steel rings instead of 
alundum spheres as packing in the aluminium pot. 
The o-xylene disappearance was assumed unaffected by 
whatever phenomena resulted in the higher combustion 
levels obtained at the higher fluid bed temperatures. 
This assumption, on the basis of the runs performed with 
the aluminium pot, allowed a kinetic analysis of the 
o-xylene conversion data. 
4.5 THE PERFORMANCE OF THE FIVE CM DIAMETER FIXED 
BED REACTOR 
A pure catalyst charge of 1280 gms, equivalent to a 
packed length of 64 cms, was used in the preliminary runs. 
107. 
A judiciously low inlet o-xylene partial pressure of 
0.0055 atm was used to avoid probable damage to the 
reactor since it was immediately apparent, as expected, 
that extremely large overtemperatureS would be obtained. 
With the fluid bed at 422 0C, a hotspot temperature of 
5730C, 7.5 ems from bed inlet, was monitored with a 
total flow of 136 litres/minute of air. The yield of 
phthalic anhydride was similar to that obtained with 
the 2.5 cm diameter reactor,namely 70 mole %. 
From the axial, radial and wall thermocouples situated 
in close proximity 15 cms downstream from bed inlets 
an idea of the apparent radial temperature profile was 
given. The axial thermocouple monitored a temperature 
of 550°C, the radial thermocouple 5480C and the wall 
thermocouple 476 °C. These figures suggest the largest 
resistance to heat transfer exists at the wall although 
it is difficult to conclude the nature of the temperature 
being monitored, be it a genuine solid temperature, fluid 
temperature or some combination of the two. 
With a 1 mole % o-xylene in air feed, thc reactor 
exhibited a similar ignition to that of the 2.5 cm 
diameter reactor but at a slightly lower fluid bed 
temperature. With the poorer heat transfer associated 
with the larger bed, this was -to be expected. The 
ignition temperature was a function of the time of 
opera.i•..at a particular fluid bed temperature (above a 
presumed, but never investigated, minimum), 
and Caldwell r 
for the 2.5 cm 
temperature of 
runs however a 
cçortunity for 
108. 
ported an induction period of 90 minutes 
diameter reactor with a fluid bed 
3800C. 	In these5 cm diameter beds 
shorter bed was used, providing less 
the feed back of heat to the reactor 
inlet; however the larger diameter reactor ignited 
with a fluid bed temperature of 377 0C after 75 minutes. 
On ignition, the feed was immediately cut since bed 
temperatures rose above 6200C and showed no indication 
of levelling out. 
To allow a 1 mole % feed to be used above the ignition 
temperature, the catalyst was diluted according to the 
following schedule (the larger dilution ratios occurring 
nearer the bed inlet where the reaction appeared most 
fierce): 2.5 cm of pure catalyst at inlet, 30 cm 6:1 
dilution ratio (by weight), 120 cm 3:1 dilution ratio. 
Total mass of catalyst used was 750 gins. The monitored 
overtemperatures were lower, being approximately 90 0C 
but at the lower fluid bed temperature (420°C) nearly 
107o of the o-xylene was unconverted. On increasing 
the fluid bed temperature, the selectivity to useful 
hydrocarbon dropped from approximately 75 mole % at 
4220C to 6897, at 4350C, the selectivity to phthalic 
anhydride remaining approximately constant at 56 mole %. 
This may be explained by either local hotspots within 
the bed, not monitored by the thermocouples (since the 
reactor was not packed pellet by pellet giving rise to 
overoxidation) 
10.9. 
or it may be attributed to the phenomenon that resulted 
in the lower selectivities obtained with the diluted 
bed runs using the small diameter reactor, only 
at a lower temperature. The fall in selectivity to 
phthalic anhydride corresponded to a rise in the 
selectivity to maleic anhydride and carbon dioxide. 
Typical temperature profiles for the diluted and pure 
catalyst beds are shown in Figure (fl). 
The overall performance of the 5 cm diameter reactor, 
compared with that of the 2.5cm diameter reactor, was 
not satisfactory. With a pure catalyst bed a hydro-
carbon/air ratio approximately 50575 less than that 
employed with the smaller diameter reactor had to be 
used. 	Diluting the catalyst resulted in a lower 
selectivity to phthalic anhydride. 
If the drop in selectivity were a function of the 
diluent used and hence may be overcome using a truly 
inert diluent, it might be expected that a reduction 
of the power requirements for pumping(per unit yield 
of phthalic anhydride)would be obtained. However, 
with the longer, diluted packed section, and the 
decrease in the percentage of total voids that the larger 
voids in the wall region constitute (resulting in an 
overall more densly packed bed), the saving may well be 
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Making a direct comparison between the typical 
pressure drop figures of 2 psi and 6 psi for the 
2,5 cm and 5.0 cm diameter reactors is not strictly 
valid since the pressure drop does not occur wholly 
over the bed. Even so the figures may be considered 
as supporting the previous arguement. 
4.6 FURTHER STUDIES OF O.-XYLENE OXIDATION IN A C,S.T.R. 
The data obtained in the kinetic study, although fairly 
scattered, suggested the presence of a low activation energy 
step in the o-xylene disappearance above approximately 
440°C. To allow a more detailed analysis of the 
kinetics, Calderbank [114]  studiedthe oxidation of 
o-xylene, o-tolualdehyde, phthalide and phthalic 
* 
anhydride in turn in an aluminium C.S.T.R. The 
catalyst used was from the same batch used for the 
fixed bed reactor runs. The C.ST.R. allowed easier 
control of system variables and the data thus obtained 
allowed a simple direct analysis to be made. 
Inhibition of the o-xylene first order disappearance rate 
was observed at reaction partial pressures above 
0.005 atm. 	Below this partial pressure the first 
order rate had a low activation energy above approximately 
4409C. Below 4400C the catalyst exhibited a duality in 
its behaviour, similar to that found by Watt 	• There 
appeared to exist two activated states, one of low 
activation energy similar to that observed above 4400C 
and one of high activation energy. 
Aluminium alloy 
•1ll. 
The reasons for the two possible states were not clear. 
Multiple steady states could not be dismissed completely 
although the mass transfer data for the C.S.T.R. 
under the conditions of operationsuggested only the 
lower operating state to exist. The oxide composition 
of the catalyst, dependent on catalyst historycould 
well determine the activity of the catalyst. 
The intermediates o-tolualdehyde and phthalide, and 
phthalic anhydride did not exhibit similar phenomena 
in their disappearance rates below 440°C. Both the 
o-tolualdehyde and phthalide first order disappearance 
rates exhibited a low activation energy, similar to 
that for o-xylene above 4400C. The phthalic anhydride 
disappearance rate however exhibited a much larger 
activation energy typical of catalytic hydrocarbon 
oxidation. 
The results are summarised in Figure (1) where the data 
are given in the fo'm of Arrhenius plots for the first 
order rate constants. The Arrhenius expressions are 
listed below in Table (%) along with th temperature 
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The partial pressure and temperature ranges explored 
bracketed those experienced in normal fixed bed 
operation apart from the phthalide runs. Included in 
Figure () are Arrhenius plots for the catalyst 
operating in its two different activated states below 
440 0C. The low activation energy line corresponds 
to a plot of the true first order rate constant 
calculated at a partial pressure below 0.005 atm with 
the catalyst in the more active state. The high 
activation energy line (dotted) corresponds to data 
obtained with the C.S.T.R. operating with a constant 
1 mole % o-xylene feed, the catalyst in the less 
active state and with no allowance being made for 
inhibition of the apparent first order rate. The 
latter data were well approximated by the correlation 
of Watt [34]  andhence this was taken to represent the 
data. Thus the correlation allows simulation of the 
o-xylene disappearance rate over the first section 
of the fixed bed reactor operating with a 1 mole % 
feed. The first order rate law accommodates both the 
inhibition and the low activity state of the catalyst. 
A choice exists over which rate of disappearance of 0-
xylene to use for modelling purposes below 440 °C. 
This temperature, however,, is experienced very early in 
the bed and hence very little difference in a predicted 
temperature profile would result by using one rate 
expression rather than the other. 
113. 
In the modelling chapter following, the correlation 
of Watt was used. 
It was found that the kinetic model previously suggested 
for the fixed bed qualitatively approximated the 
performance of the C.S.T.R. 	Fair quantitative 
predictions of conversion levels were obtained using 
the rate data of Calderbank,except at 527 0C where there 
was significant disagreement between the predicted and 
observed selectivities, as shown in Figure  
This may be explained by homogeneous combustion of 
phthalic anhydride which although presumably being 
present to some extent in the measured phthalic 
anhydride combustion rate at the elevated temperatures, 
its variable nature does not allow exact quantification. 
Since the rates of disappearance of the intermediates 
were determined individually, in the absence of their 
precursors,. the disagreement between the predicted 
and observed perfor:aance at the lower temperatures 
could be explained by the absence of possible 
interaction between components of the reaction phase. 
'inetic Model for the C.S.T.R 
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The absolute rate of o-xylene disappearance appeared 
to be approximately 5073 lower than that observed in 
the fixed bed reactor. This could possibly be 
explained by a feature of the different modes of 
operation. 	It will be remembered that on recycling 
the tail gas of the fixed bed reactor, a lowering of 
the temperature profile was observed. 	In the limit 
of infinite recycle the recycle reactor is equivalent 
to a C.S I T.R. with assumed perfect backmixing. The 
recycling of a component of the tail gas (formed 
during the later stages of reaction')which occupies 
active sites at the inlet section of the reactor thus 
reducing the effective catalytic area and rate per unit 
of catalystwould effect a lowering of the temperature 
profile. 	In the C.S.T.R. this component, being 
automatically backnixed, would effect the same rate lowering. 
However a simpler explanation could be that in the 
fixed bed studies an increase in the effective area of 
the catalyst occurred due to the coating of nearby 
diluent with active catalyst powder. The tendency of the 
loose surface coating of the catalyst to distribute 
itself over surfaces with which it was in contact had 
been observed previously in this study. 
Another interesting observation of Calderbank was an 
apparent deactivation of the catalyst at o-xylene 
partial pressures of greater than 0.015 atm. 
115. 
It will be recalled that with a 1.5 mole % o-xylene in 
air feed to the fixed bed reactor a similar deactivation 
was observed. These two observations could well be 
explained by over-reduction of the catalystdue to 0-
xylene reacting extensively with lattice oxygenresulting 
in an inactive oxide structure,- 
116. 
CHAPTER 5 
FURTHER MODELLING OF THE FIXED BED REACTOR 
5.1 IMPLICATIONS OF THE FIXED BED EXPERIMENTAL DATA 
Before Calderbank 9 s data became available some further: 
attempts were made to model the fixed bed reactor with 
the knowledge that o-tolualdehyde was a large 
concentration intermediate of o-xylene oxidation. 
The assumption that the rate of o-xylene disappearance 
equalled the rate of phthalic anhydride (plus carbon 
dioxide) appearance was invalid. Since the rate of 
o-tolualdehyde disappearance was unknown, it was 
arbitrarily taken as equal to the o-xylene disappearance 
rate. The low activation energy steps had not been 
quantified at this stage, hence Watt's o-xylene 
disappearance data was used. Although phthalide also 
appeared to be an important intermediate it was decided 
to consider its disappearance rate infinite for the 
initial ana1ysesotherwise further kinetic data would 
have had to be assumed. It appeared that the carbon 
dioxide originated largely from o-xylene but provision 
was made in the kinetic scheme for o-tolualdehyde 
combustion, it being a simple matter to set the rate of 
this particular step to zero. 
examined was 
o-xylene 1 o-tolualdehyde 
CO2 	 C 0 




The imposition of a 70% selectivity to phthalic 
anhydride was still necessary and hence if step 4 was 
included the carbon dioxide formation was shared 
equally between steps 3 and 4. Again the pseudo heat 
of reaction of 655,000 kcal kmole was used for carbon 
dioxide formation. Some of the results of the 
investigation are shown in Figure (4..t). Although 
the maximum in the overtemperature had been reduced from 
605°C to 562°C (see Figure (2) Chapter 2) the form of 
the profile showed little similarity to the experimental 
profile. 
5.2 COMBINATION OF CALDERBANK'S DATA WITH FIXED BED 
OBSERVATIONS 
Setting the rate of step 4 equal to zero and including 
the rate of o-tolualdehyde disappearance as found by 
Calderbank resulted in the profile shown in Figure (43). 
As may be seen the predicted profile follows the 
experimental profile for approximately 5 cm bed depth 
but the continued steep rise in temperaturepredicted 
by the model suggested the disappearance rates to be 
less temperature dependent. Using a slightly lower 
rate of o-xylene disappearance, but with a larger 
activation energy the system demonstrated parametric 
sensitivity on setting the bed heat transfer parameters 
and the interphase transport parameters at the values 
predicted by the literature correlations and including 
a shell side heat transfer coefficient as calculated by 
Caldwell; 
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Figure (q-3) shows that the reactor exhibits an ignition 
phenomenon when a set of lower bed heat transfer 
parameters are used. 
The inclusion of 	 o-xylene disappearance 
rate with its associated low activation energy allowed 
the experimental temperature profile to be predicted 
with encouraging accuracy. 	Below 4400C, Watt's 
correlation for o-xylene disappearance was used. The 
heat and mass transfer parameters as predicted by the 
correlations were retained along with the shell side 
heat transfer coefficient. 
The next step was to remove the imposed selectivity 
to phthalic anhydride since it was known from the fixed 
bed data that the selectivity to useful hydrocarbon 
fell from approximately 80 to 70 mole % as the reaction 
proceeded. The data further suggested a small amount 
of phthalic anhydride combustion; hence this step was 
included. The initial attack on the o-xylene molecule 
was assumed to result in an 80 mole 3 selectivity to 
useful hydrocarbon, again as suggested by the fixed 
bed data. The correct heats of reaction of the various 
steps were substituted for the 'pseudo' values used 
earlier. 
Using Calderbank's rate of phthalic anhydride combustion 
resulted in an integral yield of phthalic anhydride of 
15 mole 33 with 95 mole % o-xylene conversion, the reactor 
base temperature being 4100C.. 
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Although the rate data showed phthalic anhydride 
combustion to become of importance only at the elevated 
temperatures, the bed temperatures experienced 
experimentally were sufficient to initiate significant 
combustion and a 'runaway' condition was consequently 
experienced. This was to be expected since the 
combustion rate was similar to that reported over the 
German type of catalyst which, as found earlier, 
resulted in unrealistic selectivities for a reactor 
operating under conditions necessary for an American 
catalyst. 
However with the inclusion of the phthalic anhydride 
combustion rate as found by Hughes and Adams[30],  re-
calculated on the assumption of a first order process, 
the level of combustion was acceptable, 	In fact, 
the parameters were such that the predicted rate was 
nearly two orders of magnitude lower than Calderbank's 
rate and negligible combustion of phthalic anhydride 
occurred until reactor base temperatures of 4800C 
were approached when only small (5%) amounts occurred. 
With the inclusion of phthalide as an intermediate, 
Calderbank's data predicted a larger integral yield of 
phthalide than observed experimentally over a 0.6 
metre bed depth( base temperature 410° . The rates of 
phthalide and o-tolualdehyde disappearance were increased 
(see Table (Cj )) until satisfactory agreement with the 
experimental observations of the fixed bed was given. 
TABLE (Ci) 
PHYSICAL AND CHEMICAL DATA USED IN SUBSEQUENT MODELS 
Kinetic Scheme: 
o-xylene - o-tolualdehyde - phthalide ±phthalic 
anhydride 
43 	 j,5 
CO CO2 
exp(1768 - RT 26200 kgmoleshr
_ 1 &atm_ 
'kgcat} T<440°C 26200 k3 = exp(16.23 - -RT 
k1 = exp(3.145 - 5548  RT ) T >4400C 
- 5548 k3 = exp(1.702 	RT 
4630 = exp(3.O - RT 
= exp(1.2 1400 	 all  RT ) 
	
, U *k = exp(15. 	30500 RT 
*Adjusted from Calderbank's value. 
Heats of reaction in Appendix ( 3), 
h5 = 249 kcal hr m 2 C' 
= 2.4 kcal hr-1 
M-1 C-1 
I 	 1 
,, 95 kcal hr 	-2 -1 in. o C 	=1/h 
S -17ZW  
°= 154 kcal hr m2 Ol 
U = 85 kcal hr -1 rn2 OC_l 
Pe = 10 
Pe hr = 2,95 	- 
hf = 228 kcal hr_ lm AT0C 
k = 10.3 krnole hr' m 2 atrn  
hydrocarbon 
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Since the disappearance rates of the intermediates 
were measured individually the absence of 
- 	possible interaction which may be anticipated with an 
o-xylene feed justifies 'tuning' of the kinetic 
parameters. Again it was necessary to use the phthalic 
anhydride combustion rate of Hughes and Adams. The 
resulting temperature and conversion profiles were in 
reasonable agreement with experimental observations, 
as shown in Figures (q,#b). The predicted 
overtemperature is approximately 100C larger than 
experimentally observed but with the large number of 
physical and chemical parameters defining the system, 
closer agreement could be obtained by further slight 
tuning of parameters. However since the form of the 
temperature profile suggested that approximately correct 
rate determining steps are present in the model: 
further modification was not considered justifiable 
at this stage. 
Maximum temperature differences between catalyst 
surface and bulk fluid were approximately 200C. with 
a feed temperature/cooling bath temperature of 4100C.. 
Further, no multiple steady states were predicted 
with bulk gas conditions 0.01 atm o-xylene and 
temperatures 410 and 4800C. 
Subsequent experiments performed by Calderbank showed 
that combustion of phthalic anhydride was occurring on 
the internal surfaces of the aluminium C.S.T.R. 
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Hence the measured 'ph.thalic anhydride, combustion 
although applicable to the C.S.T.R.,was not a true 
measure of the catalytic combustion over vanadium 
pentoxide. The low selectivities in the C.S.T.R. 
are thus explained along with the high levels.of 
combustion predicted using the combustion rate in the 
fixed bed model. 
Tests showed that the other components of the reaction 
phase were not susceptible to oxidation on the aluminium 
surfaces, thus their disappearance rates may be assumed 
to be purely vanadium catalysed. Since Hughes and 
Adams carried out their combustion runs in a glass 
reactor their phthalic anhydride disappearance rate 
presumably has no component of metal catalysed 
reaction. 
The model, with the inclusion of the Hughes and Adams 
combustion rate of phthalic anhydride was then tested 
over the range of the experimental programme. 
Significant disagreement between predicted and 
experimentally observed performance was experienced 
employing the following operating conditions. For 
the 2.5 cm diameter reactor using a 1.5 mole To o-xylene 
feed, extremely high overtemperatures resulting in 
overcombustion were predicted. (It may be noted that 
the model did not allow for any possible deactivation 
of the catalyst in the vicinity of the hotspot). 
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Conversely, for the 5.1 cm diameter reactor with an 
approximate 0.5 mole 5Vj o-xylene feed the predicted 
temperature profile was less severe than that observed 
experimentally. 	(Since the experimental runs were here 
performed with a fresh batch of catalyst it is 
possible that the catalyst had not reached an activity 
level typical of a long service batch of catalyst). 
Predictions of the 5.1 cm diameter diluted bed also 
did not agree with experimental observations and this 
may be because the dilution assumed in the model was 
ideally homogeneous unlike that given by pouring a mix 
of alundum pellets and catalyst pellets into the 
reactor. This may be coupled with the point mentioned 
above to explain the predicted temperature profile 
being lower than that observed experimentally. 
A further check on the accuracy of the tuned kinetic 
data of Calderbank combined with the phthalic anhydride 
combustion data of Hughes and Adams was performed by 
attempting to model the 13:1 diluted bed runs performed 
in the 2.5 cm diameter reactor. The results, compared 
with the experimental runs, are summarised in Figures 
(',€q). At the lower tempexatures the predicted 
conversion levels are much too high and at the higher 
temperatures the predicted conversion levels much too 
low. Also the predicted conversions to phthalic 
anhydride are much lower than experimental values. 
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The higher experimental o-xylene conversion levels at 
the, higher bed temperatures may be explained by the 
presence of unmonitored overtemperatures, and it is also 
possible that there may be formation of phthalic anhydride 
directly from o-xylene rather than it all being formed 
through the intermediate o-tolualdehyde. 
A comparison of the prediction of the 1-D and 2-D 
models for normal fixed bed operation are given in 
Figure (7). The low activation energy steps and the 
low radial bed heat transfer resistance combine to 
allow the predictions of the models to be nearly 
identical. Thus the 1-D model is completely adequate 
if the phthalic anhydride combustion rate is of a 
comparitively low magnitude. Further it was found 
that only with a phthalic anhydride combustion rate of 
significant magnitude was the predicted temperature 
profile significantly lowered by the imposition of 
infinite heat and mass interphase transport rates. The 
large temperature coefficient associated with the 
phthalic anhydride combustion step result in effectiveness 
factors significantly greater than unity. Combined with 
the large heat of reaction, th2 combustion step significantly 
influences the level of the predicted bed temperatures, 
more so than the other relatively mild steps. 
Thus a simple 1-D homogeneous model is adequate to 
allow a sufficiently accurate prediction of system 
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The predicted maximum in the 'overtemperature' given 
by the l-D model with finite interphase transport was 
marginally larger than that given by the 2-D model. 
This was due to the explicit method of solution where 
effectiveness factors were calculated using temperatures 
and,more important, concentrations of the previous axial 
point. Over the initial sections of the bed below 
4400C the 2-D model gave mixed mean temperatures 
marginally higher than those of the 1-D model, 
as would be expected with the large temperature 
coefficient of the o-xylene disappearance rate in this 
region. 
It must be noted that the model is stable over a wide 
range of reactor base temperature (investigated 
range 410 - 480°c). There is no tendency to exhibit 
a 'runaway' phenomenon with subsequent loss of desired 
product. This would be expected on examination of 
the kinetic parameters. However the introduction of 
an increasingly larger phthalic anhydride combustion 
rate would result in the system becoming parametrically 
sensitive. The ultimate model predictions would 
depend critically on the bed seat transfer parameters. 
It was found that the accuracy of the profiles for the 
2-D model could be retained using 5 radial increments 
(D/2.5) and axial steps of 4 pellet diameters. The 
resulting computing time for complete profiles on an 
IBM 370/155 machine was 263 minutes compared with 0.8 
125. 
minutes for the corresponding 1-D model using an axial 
step length of 1 pellet diameter (total bed length 
0.7 metres). 
The axial dispersion model was not further investigated 
but it is believed that a more accurate prediction 
of system performance would be given since both 
temperature and o-xylene concentration axial profiles 
exhibit sufficient gradients to suggest the presence 
of a 'diffusive' coupling along the bed. 
No attempt was made to model the startup of the reactor, 
or the apparent ignition phenomenon observed at the 
lower fluid bed temperatures (380 - 4000C). Since the 
nature of the processes occurring during startup are open 
to speculation, attention was restricted to steady 
state predictions. 
5.3 THE LOW ACTIVATION ENERGY RATE DETERMINING STEP 
Since Calderbank fcund a duality in the activity level 
of the catalyst below 440 °C, only the low activation 
energy step above 440°C observed in both the fixed bed 
and C.S.T.R* reactors warrants detailed consideration 
until further information on the low temperature region 
is available. 
A low temperature coefficient of the rate of disappearance 
of o-xylene was shown theoretically to be a necessary 
requirement to allow the system to be modelled. 
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Experimental studies confirmed its cxistenco., 
Although it is not known whether at the temperatures 
of reaction the vanadium oxides form a melt, due to 
uncertainties of the percentage of foreign components 
of the catalyst mix one low activation energy rate 
process which could become rate controlling is 
surface diffusion of adsorbed species. The low 
activation energy suggests a physical process as 
controlling but the obvious candidate, interphase 
transport, was dismissed earlier. 
Since few high temperature kinetic evaluations of 
fixed bed catalysts have been attempted, it is perhaps 
understandable that similarly low activation energies 
for aromatic hydrocarbon oxidations have not often 
appeared in the literature. However over the lower 
temperature range, Abo et a1 1 reported a low activation 
energy for the o-xylene disappearance rate albeit 
showing a dependancy on particle diameter. They 
offered no explanation but mass transfer effects did 
not appear to be a probable .cause of the observations, 
Vaidyanathan and Doraiswamy [117]  notonly reported 
a low activation energy for benzene oxidation above 3500C 
but observed a change in the activation energy of the 
rate controlling step below 350 0C. The value increased 
from approximately 2 kcal kmole to 20 kcal kmole 1 
at 3500C as the temperature was decreased. 
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Similarly Pinchbeck Lll2J  studying  naphthalene oxidation, 
observed a decrease in the activation energy of the 
controlling rate process above 400 0C but was cautious 
not to dismiss possible intraphase and inttvphase 
diffusion effects. 
The results of this study suggest that below 4400C 
a more typical chemical process is rate controlling 
since the value of the activation energy is in agreement 
with reported literature values. 
The pbthalic anhydride combustion rate, conversely, 
exhibits a high activation energy throughout the range 
of temperature investigated in the C.S.T.R. This is 
due probably to the nature of the chemical process, 
ring breakage. This is presumably more difficult 
to achieve than oxidation of side groups of the benzene 
ring and hence becomes rate controlling. 
128. 
CHAPTER 6 
CONCLUSIONS AND RECOMMENDATIONS FOR FUTURE WORK 
It was first shown that extrapolation of kinetic data 
available in the literature for o-xylene oxidation 
resulted in severe maiprediction of the performance of 
an experimental fixed bed reactor. Gross inadequacies 
of the parameters defining the physical behaviour of 
the system were shown not to be a significant factor 
in the discrepancies between predicted and observed 
behaviour. 
A review of the literature suggested that the air 
oxidation of hydrocarbon over V 2 0 5  largely occurs 
through a species of gas phase oxygen on the surface of 
the catalyst rather than totally either through lattice 
oxygen or adsorbed gas phase oxygen. Some interaction 
occurs between lattice oxygen and hydrocarbon, thus 
effecting a change in the oxide composition of the 
catalyst. 
Experimental investigation of the product distribution 
and selectivity levels over a range of catalyst bed 
depths and catalyst bed temperatures allowed the following 
kinetic scheme to be proposed as representing the main 
features of the reaction: 
o-xylene -4 o-tolualdehyde —phthalide -9pthalic 
I 	 anhydride 
'I, 'If 
CO 	 CO  
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A maximum in the selectivity to useful hydrocarbon of 
approximately 80 mole % was observed, the maximum 
selectivity to and yield of phthalic anhydride being 
approximately 70 mole %. 
Exploration of extreme conditions of operation of the 
fixed bed showed the yield of phthalic anhydride to be 
virtually independent of temperature over a reactor 
feed/cooling bath temperature of 410 - 490 0C (maximum 
'overtemperature'. 490 - 590 respectively). However 
the susceptibility of phthalic anhydride to apparent 
homogeneous oxidation was easily demonstrated. The 
presence of catalyst diluent (alundum spheres) resulted 
in the selectivity falling from the normal 70 mole % 
to 60 mole % at reactor feed/cooling bath temperatures 
greater than 4500C. 	Increasing the oxylene inlet 
concentration from 1.0 mole % to 1.5 mole% resulted in 
deactivation of the catalyst. However no significant 
change in selectivity levels was observed. Doubling 
the reactor throughput similarly resulted in no apparent 
change in the observed selectivity levels. 
A kinetic evaluation of the catalyst using diluted 
catalyst beds showed there was a change in the activation 
energy of the o-xy].ene disappearance rate at approximately 
4400C. A change in the rate controlling step is 
therefore suspected but it would be speculation to detail 
its nature. 
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Inhibition of the first order reaction rate occurred 
due to strong adsorption of a component of the reaction 
phase, possibly o-xylene. 
Attempts to isolate a possible inhibitor of phthalic 
anhydride oxidation were unsuccessful but recycling 
the reactor tail gas, whilst having no significant 
effect on observed selectivity levels, proceeded to 
lower the observed bed temperatures. 	It was thought 
that this occurred as a result of occupation of active 
sites of the catalyst by some component of the tail gas. 
Again the component was not identified. 
To allow operation of a 5.1 cm diameter reactor within 
the temperature limits of both the materials of 
construction and the catalyst, it was necessary either 
to use an approximately 0.5 mole % o-xylene in air feed 
(5073 lower than with the 2.5 cm diameter reactor operating 
at the same gas mass velocity) or to heavily dilute the 
initial sections of the bed. Bed temperatures were 
thus controlled to a maximum of 5700C. A normal 
selectivity to phthalic anhydride of 70 mole % was 
observed with the undiluted bed. The diluted bed 
however suffered a drop in selectivity to phthalic 
anhydride as the reactor feed/cooling bath temperature 
was raised above 4300C. 	It was concluded that the 5.1cm 
diameter reactor had no obvious advantage over the smaller 
diameter reactor. 
r 
Using kinetic data, obtained by CalderbarlkL"4.1, which 131.  
bracketed the normal operating range of the fixed bed 
reactor,successful predictions of fixed bed performance 
were made when the phthalic anhydride combustion data of 
Hughes and Adams 	was included. 
The 1-.D homogeneous plug flow reactor model was found 
to give sufficiently accurate predictions over normal 
fixed bed operating conditions if, as observed experimentally, 
the phthalic anhydride combustion rate was of a comparatively 
low magnitude. 
6.2 RECOMMENDATIONS FOR FUTURE WORK 
To remove the uncertainty of the heat transfer data for 
fixed beds so as to allow more significant use of 
kinetic data ) experimental heat transfer studies 
specifically of the system under investigation are 
necessary. 
Further investigation of trace components of the reactor 
tail gas would allow a decision to be made on the in-
hibiting component of the tail gas. 
A study of the oxygen dependancy of the disappearance 
rates coupled with a study of the possible dependency 
of catalyst activity on oxide composition may allow the 
'startup' and 'ignition' phenomena. to be explained and 
modelled. 
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Studies of the high temperature kinetics of other 
hydrocarbon oxidation reactions would allow the presence 
of similarly low activation energy rate determining 
steps to be confirmed or otherwise. 
A study of o-xylene oxidation over the German type of 
catalyst (especially since it is becoming increasingly 
favoured by industry) to provide comparisons between 
the two catalyst types. 	If the resulting kinetics 
show the competing reactions to have differing temperature 
coefficients a policy of catalyst dilution could be 
attempted to allow yield improvements. 
From the results of this study it is clear that 
improving the overall yield of phthalic anhydride may 
only be effected by the development of more selective 
catalysts. 	In screening the various catalyst blends 
it would be useful also to explore their possibilities 
in a fluid bed reactor, since the full potential of 
fluid bed operation has not as yet been realised. This 






EVALUATION OF THE ROOTS OF A NON-LINEAR FUNCTION' BY 
THE METHOD OF REGULIFALS 
To solve f(x) = 0 
im 
With two initial approximations to the root of 1(x) = 0, 
preferably straddling the root, namely x 0 and x1 a 
third approximation x2 may be obtained. Using the 
geometry of the above figure, it follows that 
I- xi-x0 
x2 x1 -f(x1 ) 
1(x1 ) - 1(x0 ) 
The decision as to whether x1 or x0 is used with x2 in 
the next iteration is made as follows: 
If x1 and x0 are in the same side of zero (i.e. 1(x1 ) 
and 1(x0) have same sign) but x1 is nearer root than 
x0 (i.e. I:f(xl)l < I:E ( xo) l ) then use x1 . 
If x0 and x1 straddle the root and x 1 is nearer 
the root (i.e. if f(x1 ) . 1(x0) < 0 and If(xi )I < Ixo )i ) 
use x1. 
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If J f(x) J was less than the convergence criterion, then 
x was considered a sufficient approximation to the 
root. A value of 0.01 for the convergence criterion 
was sufficiently small to give an accurate estimate of 
the root (see Figure Al). 
In the example given, the function f(TS)  is given by the 
following: 
El ~ (-,&Hj)(exp(si 
- R(T+273))(' - 
X5) 
E. 3 
_ 	 P 1 + (-H3)(e(S3 
- R(T+273)'(' _Xs)bu1k 	(1-(-) 
- hf(Ts 	TB) = 0 	 ....(A1) 
where 	 - 	 - 









- Xs ) 	PB = 'NA0(l - XB) 
It can be seen that under the conditions of operation, 
the catalyst pellet has only one operating temperature. 
No multiple steady states are given. The interphase 
heat transfer coefficient, which determines the slope 
of the heat removal line, coupled with the imposed 
selectivity are the main factors combining to give this 
result. 
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However multiple steady states were exhibited with the 
triangular scheme proposed by Froment132 	The lower 
steady state was arbitrarily automatically chosen by 
the method of search for the roots of equation 
f(Ts) = 0. 	If the algorithm failed to converge on a 
root, occasionally experienced as the inflexion of 
f(Ts) = 0 moved through the abscissa, the upper steady 




APPLICATION OF THE METHOD OF FINITE DIFFERENCES 
AND THE USE OF THE THOMAS ALGORITHM 
The conservation equations for heat and mass for a fixed 
bed reactor as derived in Chapter 2, allowing for 
radial heat and mass transfer,.are as follows: 
11 	PA 	.. bdP 
- 	 'ôr2 + G 	
R(A,T)O •.. 1 
and 
	
1 1T')2T 	bdPM 
IT Np - 	 r2 •G 	
-AHRPi,T 
A single first order reaction will be considered to 
reduce the complexity of the equations. 
lcexp(S-E/RT) 
Let PA = ,cA0 (1-X) 
dpA= -?c4A0cX  
Substituting in 1 and 2 gives: 
zX 	1 1X 	 ebSM 
- -.--.+ - + -) + 	k(1-X) - 0 cZ rr r2 	G 
1 ( 1T 	2T ebdPO 
GC 	k(1-X) =O...4 Pe hr 
For M radial increments along the radius, M mesh points 
are given, as indicated below where a grid displaced by 
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Substitution of the finite difference analogues into 
equation (3) for the position n4,m gives: 
- 	mn, ] + 1 ç 1 
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Valid for 1 mm-1 
and for temperature 
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The equations involve three unknowns at the axial 
step n+1. Variables at n are known. 
For m=O and m=M, the fictitious points m=1 and 
m=M+1 are involved. The application of the boundary 
conditions allows their elimination, using 2nd order 
correct expressions. 
Thus at r=O 
R 1—T 	 _X1 	_TI n,O'n,O 	n+1,O 1 n+1,O 
i.e. 	X-.X_1 = o = Ar 	 Ar 
i.e. 	 X , _1 = X ,0 	T ,1 =  Tnto 
and 	 X , -1 = Xn+1.0 	, _ = T , 0 
at r=R 	
'nR 
o 	i.e. XM+ l =XM 
Tl = dP.%(TR_Twall) 
n,R 
i.e. 
Tfl.M+lTn M = 	rW (4(rM+l+Tfl,•M)_T1l) / r 	 fl  
n 	1 	rdp0wT 
(1 LIzdP4&w) 
2 r 
or Tfl,M+1 = CSTfl,M + Co 
where C5 and C6 are constants as above. 
Substitution of the above gives for the point n+1/2,0 
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X1 ,On 1 O - 	1 	1 1 ç Xfl4.1•11Xfl4.] 	lfl.Oj 
	
AZ 	NP Ar2L em 
+ 1 ( fl+llfl+1Ofl+l0 
2 
+ X. 1 _2X 0+X 0 
Lr2 
QdM 
+ 	c D k(1(X 1,0+X ,0)) 
and - 
Tn+io•Tn,ç = 1 	1  
AZ 	NPha4 r 	 Or 
1 Tn...1,1 - 2T 120+T 110 
Lr2 
T 1 2T +T nO n l O)) 
A r 2 
+ ebdPM(___ 
G  k(l'(X .cp 
For the point n4, M 
Xfl+l,MXfl,M - 	1 	1  
AZ 	NPemr(42 (xfl+1,M_Xfl+1,_1+Xfl,M._Xfl,M_1 	M+- 
+ 1 Xfl+l,M_2Xfl+1,M+Xfl+1,M..1 
2 	 Ar2 
Xn M - 2Xn ,M+Xfl ,M..1)) 
Lr2 
C b 1p  
+ 	G 	(1-( x1+1 , t4+Xn ,M)) 
and Tfl+_Tfl ,M 	1 	1• ( n+l,M56fl+1M1 ) 
AZ 	= NPehr(4tr2(+TnM.C5+Có_Tn,M..I ) ' ( M+ ) 
+ !(.n+lM56fl+lMfl+1M1 
r2 
+ Tfl , M 56 2Tfl ,MTfl ,W1 
Ar2 
+ e..bdPMNAO (-.tH)k( 14(X 1 
G.cp 
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Thus a set of M algebraic equations in M unknown 
is given, The coefficients of the unknowns form a 
tridiagonal matrix of the form: 
b0u0 + c0u1 	 = d
o 
a1u0 + b 1 u  1 + c 1u2 	
= 
a 2 u  1 + b 2 u 2  + c2u3 	
= d2 
aM_1uM_2+bluM_1+CMluM = 
aMuM_1+bMuM 	= dM 
Provided I bI > I a + c4 the unknowns may be computed 




m 	m 	m-1 
= d 	
d am M-1 
Urn 	m 1 
CmUm+1 
then uMM 	Um=m_ a 
Allowance for finite interphase transport is achieved 
by including the effectiveness factor as coefficient 
for the reaction rate term. These were calculated 
at the average temperature (i.e. (T n+1,m n, +T m  )/2) over 
the axial step. 
The programming language used was IMP and a program listing 
is included for the reaction scheme 
141. 
(A) o-xylene —b phthalic anhydride (B) 
CO  + products (C) 
For a bed length of 0.63 metres (100 axial steps) 
and radius 0 40127 metres (10 radial increments), 
machine time on a 360/50 (IBM) for converged 
profiles was approximately 6 minutes. 
Axial and radial increments were chosen such that the 
converged profiles were independent of the step size 
chosen, or nearly so. Convergence was deemed to have 
occurred when (calculated fluid radial temperature 
profile - guessed fluid radial temperature profile)J 
was less than 0.050C. 
142. 
NOMENCLATURE FOR PROGRAM LISTING 
TG1, TG2 Starting - values for Reguli- 
Falsi (R.F.) 	Iteration 
REM Function value at converged solution 
DIFFF Correction term of R.F. 
RATT Correction as ratio of previous 
iterate 
N1,N2 Convergence criteria for R.F. 
iteration 
KXY,KPA,KCO Interphase mass transfer 
coefficients 
HF Interphase heat transfer coefficient 
AAS,BBS,CCS,X2,Y2 Catalyst surface conversion level 
TTS Catalyst surface temperature 
E1,E2,E3 Activation Energies 
S1,S2,S3 Log (Pre-.exponential factor) 
HTCW Bed heat transfer coefficient at 
wall 
C Gas mass velocity 
MW Molecular weight 
ROWCAT Catalyst bulk density 
PEMR Peclet No. for radid mass transfer 
PRHR Peclet No. for radial heat transfer 
H1,H2 2H3 Heats of reaction 
NAO Inlet o-xylene mole fraction 
NO Inlet oxygen mole fraction 
DT Reactor tube diameter 
DP Catalyst pellet diameter 
143. 
R Universal gas constant 
DELR Radial increment 
DELZ Axial increment 
C? Specific heat of fluid 
DHR Effective radial thermal 
conductivity 
BEY Bed voiiag 
TEST Convergence criterion for calculated 
radial temperature profile 
X1,Y1,A,B,C Bulk fluid conversion levels 
TTB,T Bulk fluid temperature 
MU Viscosity of fluid 
DXY Diffusivity of reactant 
ROWAIR Density of air 
RE Reynolds No. 
SC Schmidt No, 
PR Prandtl No. 
TKAIR Thermal conductivity of air 
MMA,MMB,MMC Mixed Mean bulk fluid conversion 
levels 
MT Mixed Mean bulk fluid temperatures 
ETA1 , ETA2, ETA3 Effectiveness factors 
RK1,RK2,RK3 Rate costants calculated at 
bulk fluid temperatures 
RKS1 3,RKS2 9 RKS3 Rate constants calculated at 
catalyst surface temperatures 
ATRY,BTRY,CTRY Guessed values of bulk fluid 
conversion levels 
ASTRY, BSTRY, CSTRY Guessed values of catalyst surface 
conversion levels 
144. 
BB1 1 Ccl, DD1 
B32, CC2 1 DD2 
Elements of coefficient matrix 
BB3, cC3, DD3  
3B4, CC4, DD4 
BETARI, BETAR2, BETAR3, BETAR4 
Elements of the Thomas 
G11R19G?1AR29GAMMAR3,G&1AR4 ç Algorithm 
VARY ) 




9 INTEGER I,J 
REAC(I) ; REC(J) 
NEtLINE 
NEL IN  
PRINTTEXT'HI=2960007H3=510000 
NEWLINES(2) 




	PRINTTEXT'PARALLEL SCHEME 	A->3 ; A-)C EZ SELECTIVITY =0.65 ' 
NEWLINES(2) 
%PRI 	'CRANK-(\ICHCLSUN IMPLICIT SCHEME' 
NEWLINES(2) 
%PRINTTEXTIMASS AND HEAT TRANSFER RESISTANCES INCORPORATED 
2PRI NTTEXT 'AT PELLET/FLU! 0 BOUNDARY' 
NELINE 	 - 













EAL r1, H2 ,H3 , NAG, NO, CT, OP 
?REAL hTCW,G,MW I ROWCAT,PEM.R,PEHR 
REAL R,DELR,DELZ.,Cp,DHR 
REAL CCNST1,CCNST2TCGNST3, -CONST4 7 CONST5,CONST6 
9REAL CLDDELZ 	 : 
REAL CCNST7,CCNST8 
-REAL 
%REAL HELP,TSA'VE 	 S 








- • 2REAL 	t'MB,MC,MMT 
-• - 	REAL AREA 	• S 	 • 
- %REALARRAY ANAE.A(O:J) 
REALARRAY ETAI,ETA2,ETA3(0:J) 
REALiPp,I\y 	TRY j  




* 	REALARRY C(1:I,O:J) 
E,L?RAY T(1:1 7 0:J) 
L,.RAY VAR Y 0: J) 




'?REALARRAY AA4 7 BB4,CC4,0D4(0:J) 
%REALARRAY eETR1,BET.R2,BETAR3,EETAR4(O:J) 
REALRRAY GAMMAR1,GM'tAR2,GAMMAR3,GAMMAR4(0;J) 
REALARRY TTRY,RK1,RK2 7 RK3(0:J) 
% 'REAL A RRAY ADD(0:J) 
5REjLPRAY .S1:I,O:J) 
REALARRAY BS(I:I,o:J) 
REALPPAY CS1:I 7 0:J) 
REALRRA\' TSi:t,O:J) 
10-7 R EALARRAYAHTCW,4CHR,APEHR1:3) 
ITECER S\ 
5I (\TEGER LI'M, FERMM 
2ITEGER RUN 




INTEGER L,t",N ,S,V,Mt,PP 
2UI\TEGER SS,NN,CO(JNT 
INTEGER LL,EE 
RCUTINESPEC TCM(°REALMRAYNAME AX, BX,CX,DX,  BETA, GAMMA, UNTEGER J) 
RCUTINESPEC WRPRF(RELFN G,REA1..NAME X,.REAL XGO,XG1,N11O,N210, 	C 
REALNJME REM,ITS,DIFF,RAF,INTEGER LIM,PERMIT 
9REALFNSPEC GGLREL TTS) 
AGAIN: 	 • 
READ(El)  
READ()-1) ;AD(H3) ;READ(NAQ);REAC(NC);RAtJCT) ;REAC(OP) 







%ORINTTEXT'ACCOMCN.-COEFF. = 	 • 	 •• 
pRrNTFL(rR'y,2) 	 • 
NELINES(2) 	 t 	 • 	 •.; : : 
%PRl-NTTEXT'20% INC. IN BED HT. PARMS.' 
PPINTTEXT'185,2.46,2.88 RESPLY.' 








'RINTFL (SC ,4) 
NEWLINE 













PRrNTFL( PR, 4) 





%PRINTTEXTIBULK FLUID CONDIT- IONS' 
SP.ACES(10) 
• 	9 PRINTTEXT'PELLET SURFACE CONDITIONS' 
NEWLINES(4) 	 • 
READ(PERMt);REAO(LIMM);REACEEY) 
EZ=E1/R;EZ2=E2/R;Ez3E3,R 
CONST 4 =(NAO*NOMW*DP*ROWCAT)/(G*CP) 
° CYCLE MUG=O,1,J 
ANAREA(MUG)=3.142*(o.00127*(MUG+l)+00012?*(MUC))* 
•• 
%REPEAT 	 - 
• 	AREA=3.142*(0 .0127)**2 	.• 
??CYCLE M=0,1,J 	
-- - • .•.: 
ADDU")]..O 	 • 	••• 
C1,fr)=O 
T(1,iV)=TWALL 	- 	 - 
TTB°=T(1,M) • 
TG1=T(1,M)+ADo(M) 	;TG2=TG1-1,0 
Ai =A t I,r);y1=3(1,M) 
RPRF(GC,TTS,TC1,TC2,N1,N2,REMM,IT SS, DIFFF,RATT,LIMM,PERMM) 
S(1,M)=AS 	; 	BS(1,M)=8BS 	; 	CS1,M)=CCS 	; 	TS(1,M)TTS 
5PPIf'TTEXT' 
NEtLINE 
PRINT FL ((1,t),5);SpACEs(2) 
PRINT FL {B1,N),5);S P AC ES2) 
PRINT FL (C(1,t),5);Sp.ACES(2) 
P P. TNT FL (T(l,t),7) 
SPCES(2) 
PRINTFL(4S(1,M),o); SP A CEs(2) 
RINTFL(BS(1,N),6);SpCEs(2) 
PR INTFL (CS( 1,M) ,63 ;SPACES(2)  






C'YCLE VVC,1J 	 . 
TTRY {VV )=T(1,VV) 
TRY(VV)=A(1,vv) 	; . ETRY(VV)=3(1,vv) 
CTRY (VV )=C(1,vv) 
4STR'rL'sV)=A5(1,VV) 
BSTRY(VV)=BS(1,Vv) 
. CS TRY( 'iV)=CS(1,VV) 	 . 
TSTR'y( \JV)=TS( 1 ,VV) 
%REPEAT 	 . 
%C~CLE N=1,1,1 	 . 
- 	 - 	 - 
2:C'CLE S=O,1,J 
TGI-=TSTRY(S)+ACD(S) 	; 	TG2=TGI+50 
6:X1=ATRY(.S);Y1=BTRY(s);TTe=TTRY(s) 





RKS 3 (S)=EXP(53 -EZ3/(((TSTR'y(S)+TS(1 3,S))/2)+273)) 
LAB EL 1: 
K1( S)=EXP(S1 - EZ1/( -((TTRY(S)+T(1,5)),'2)+273)) 
• RK2 ( -5 )=EXPS2- EZ2/(((TiRy(c)+T(1,c))/2)+273)) 
RK 3 (S)=EXPS3- Ez3/1uTTRY(s)+T(1,$))/2)+273)) 




6S1,S))/2 	 - 
MULERS 3 (S)1_s TRY( s+s(1,$) )/2)+RKs2(s)*(BsTRy(s)+BS(l,S)),2) 
ETA 3( SMuLE/RK3s*(1_(ATRy(s)+A(I,$) )/2)+RK2(S)*( IBTRY(S)+ 	C 
REPEAT 





CC 1 C 0 )C_CNST1;¼(1+1/(2*0.5))) 
5) )*( A(1, 1)- 	C 
A(l O )) J + CCNST 2* ETA 1 ( 0 )*(RK1(o)+pK3(o))(10.5*A(10))) 
CYCLE PP=1,1,J-1 
PP)-+4A(1,pp-1)) 	C 
+( 1/(2*(pp+0.5)) )*1 A (1, PP+ 1)-4 ( 1 1pp- 1)))+ccNsT2*ET1(pp)*(RK1(pp)+ 2C 
RK3PP) )*( 1—(1/2)*L4( 1,PP) )) 
REPEAT 
)+CUNST2 *ET A1(J)*(RK1(J)+ 	C 
RKB( J) )'0. S) 
CC 	J)0 





CC 2 ( 0 )=( —00NSt1*t1+1/(2*0•))) 
BC 1,0)) )+CCNST2ETA2( 0)*(R1<1 (Q)*( 1-0.5*((2,0)+( 1,0)) )—RK2(0)* 
%C'YCLE PP=1,j,J-1 
A.42(PP)=—00NST1*(1_1/(2*(pp + O . S)))) 
BB2( PP )=( ( 1/DEL Z) +2*CONST 1 -fCONsT2*ET2 ( PP) 	( PP) 	1/2) ) 
CC 2( PP)=— (CCNST1*(1+1/(2*(pp+05))J) 
*(1 — (1/2)*((2,pp)+( 1,PP)))—RK2(pp)*(112)*B(1,pp)) 
2REPE.AT 
AA 2 CJ)=( —CST1*(1 - 1/(2(J0.S)) ) ) 
BB2(J)=( l J CELz 4coNsT 1* ( 1 _ 1 /{ 2 *(J+o5)))+coN5T2*ET2(J)*RK2(J,*O5) 
CC2(J)=Q 	 - - 
(B(lJ)_B.(11J_1fl)+CONST2*ETA2(J)*(RK1(J)*(1_o.5*A(2,J)+A(i,J)))C 
-RK2 (J)*O5*B( 1,J) ) ) 
TO(A2,BB2,CC2,DD2,BETR2,GAMM.AR2,J) 
?CYCLE MM0,1,J 




DD3(C)=(C(1,0) /DELZ +C 0 NST 1*( C( 1, 1)_C(1,C)+(l/(2*Q,5))*(C(l,l).. 	C 
C'CLEPP=1,1,J-1 
• 4 A3(PP)=_(CONST1*(1_1/(2*(pp+O.5)))) 
BB3( PP)=( (1/OELZ)+2*CONST1) 	 - - --- - 
-- -- _-C-3 -( -PP 	 PP+O.5H)) 
(1/(2*(pp+0.5)))*CC(1,pp+1 ) -C(l,PP-1)))+CQNST2*ET3(pp)*(RK3(pp)*( 	C 
1/2 )*( A(2,Pp)+A( 1, pp) ) ) +RK2 (Pp )*( 1/2)*( 8(2 ,pp)+B(1 pp))) 
REP EAT 
AA.3 (J)=( -CCNST1*(1-1/(2*(J40.5)))) 
BB 3 (J ) =( 1 /CELZ+CONST1*(1_1/(2*(J+0.5)))) 
• 	CC3(J)=0 
	
CUJ )-C (1, J - UH+coNsT 2*ETA3(J)*(gK3(J)*(1_o.5*(.A(2,J)+A(l,J))) 	C 
+RK2(J)*(0.5*(8(2,J)+B(1,J)) )) 
TC'(A3,8B3,CC3,DC3,BETAR3,CAMMAR3,J) 
• 	PCCLE MM=0,1,J 
0(2, MM) =VARY( MM) 
?REP EAT 
AA'(C)=0 
BB 4 (C)=(11EELZ+C0NST3'(1+1,2*0.5))) 
QED= ( T ( L , O)/DELZ+CONST3*(T(1,1)_T(1,O)+1/(2*C.5) )*(T(1,1)-T(1 ,0)))) 
C04(0)=CED+ 9C 
CONST4*(tRKUQ)*( 	C 
l - (1/2) 	A (2, O)+ 4 .(1,O))) -RK2(0)*(1/2)*(B(2,O)+6(l,O) ))*ETA2(0)*H1+ 	C 
(RK2 (0) * (112) *( B( 2,0) -i-B( 1,0) )+RK3 (0)*(1-(1 12J*(A (2,0 )+AC 1,0))) H-
ETA3(0)*H3) 
9C'CLE PP=1,l,J-1 
AA4 (PP)=- (CQNST3*(1-1/(2*(pp+0.5)))) 
8B'1(PP)=((i/DELZ)+2*CONST3) 
CC 4 (PP)=- (CCNST3*(1+1/(2*(pp+•5)))) 
(1/( 2*( PP+C.5)) )*( T( 1,PP+1)T ( 1, PP-i) H 
CD 4( PP)=BIT(Pp)+CQNST4((RK1(pp)(1_(1/2)* 	?C 




HEL D F(1,J)/DELZ+CGNST3(CCNST6*TLL+T(1,J)CCNST5 	C' 
-2YN1,J)+T1,J-1) 
PAR T=HELP+CUNST3Ni/(2*(J+o.5)))*(CcNsTo* TWA LL_T(1,J_1)+ 	C 
T1,J)CG1ST5)) 
C 
*(B(2,J)+8(1,J)) )ETA2(J) 	1+(RK2(J)*(1/2)*(8(27J)+B(1,J))+RK3(J)* 	C 
(1 - (1/2)((2,J)+A(17J))))*ETA3(J)*H3) 
T 0 LA44,BB4,CC4,DC4,8ETAR4,GMp4,J) 
%C, 	MM=0,1,J 
T ( 2 1 MM)=VARY( MM) 
REPEIT 
NEWLINE 	 - - 	___ 	------ - 	- 	- 
	
- - 	 - 
9 CYCLE ON=0,1,J - 
PR INTFL(A(210N),6);SpACES(2) 
PRINTFL(3(2,0N),6);SDcEs2). 
PRINTFL(C(2,0N),6);SpCE5() 	 = 
PRiNTFL(T(2,0N),6);SpCES(2) 





T.0 	NN= 0,1,J 
%IF M0D(T{2,NN)-TTRY( NN)J<TEST TFEN ->7 °ELSE START 
%CYCLE SS=O,1,J 
TTRY(SS)=T(2,SS) 
ATRY( SS) =4 (2 ,SS 








IF CCLNT=J+]. THEN ->1 ELSE ->2 
l:N..EtL[NE 
Z=Z+(CP*DELZ) 
PRINTTEXT'AVERAGE EFFECTIVENESS FCTORS 
r\ELINE 
2CYCLE 00=0,1,J 	 . 
PRINTFL(ET1(OC),6);SpcEs(2) 
PRINTFL(ET.A2(0lJ) 7 6);SpCEs2) 
PRJNTFL(ET43(fJc,6) ;S PAC ESL2) . 
NELINE 	 - 
%REPEAT -. -. - 	-- 	- 
ELINE 	 .--... 	.-.----- 
NEWLINE - 	 - - 




PRINT FL (Z,8) ;SPACES 2) 
NE'LINE 
°CYCLE V=C,l,J 
PRINT FL (A(2,'fl 7 7)SP4CES(2) 
PRINT FL (e(2,V),7);SPCES(2) 
PRINT FL (C(2,V),7);SPACES(2) 
PRINT FL (T(2,V),7) 
SPCES(2) 
PRINTFL(ASTRY(V),6);SPCES(2) 	. 
— - —.---p N-TFL—(BSRY-(V)6- Y;SPACES(2). - -. - - 
PRINTFL(CSTPYi\/),6) ;SPCES(2) 
pR!NTFL(TsTRY(v),6);SPACES(2) 
5IF tSTRY(V)>1.O ?4THEN 2STCP . 
IF T(2,V))1000 9THEN 	STOP 
-. 	 .. 
VVE=VMB+ANAREA(V)*8(2,V)  
MMCMC+ANIREA(V)*C(2,V) 
MT=VMT+ANREA(V)T(2,V) 	 I:.. 
NEWLINE 	 . 	 .. 
DO( ) =1(2 ,V)—T( I ,V) 	 . .. 
A(1,V)A(2,V) 	 .. . 
%IF 	(l,V)>C.g THEN—> AGAIN. 
B(1,V)B(2,V)  
C(1,V)=C(2,V) 	.: 	. 
T(1,'J)T(2,V) 
AS(1,V)ASTRY(V) 	 - 
BS(1,V8STRY(V) ... .. . 
CS(1 ,V)=CSTRY(V)  
TS(1,V)TSTRV{V) . 	. 
%RE  
1\R ITE (C,3) 	. 
MA/APEA 	. . 	. 	
. -.. 	 .. 	. . 	. 	. 	- 
M'CtC/AREA 
MM 1= MMI/AREA 
N E ' L I N E S (2 
2PRINTTEXTMIXED MEAN VALUES ARE 
• 	NELINE 
PRINTFL(M.A,6) ;SACES(2) 
PR IN TFL (MMB,6) SPACES( 2) 
PR INTFL (MC,Ô ) ; SPACES ( 2) 
PRINTFL(MMT,6);SPACES(2) . .. . . ••. 
TEST=GLDTEST 	 . . . 
DELZ=CLDDELZ •: 	 .. .• 	 .. 	 - 	 •. 
NE'ALINES(2) 
%IF Z>C.6 THEN —>AGAIN 	. 	. 
%REPEAT 	 • 
%RO 	TOM (RE4LRRAYNAtE 4X,B)(,CX, OX, B ETA, GAMMA, INTEGER J) 
%TNTEGER H,F 
AX(0)=O 




G 2 (H)DX(H) - (AX(H)* GAMMA (H_1))),B ETA () 
REPEAT 
VAR'RJ)=G.AMM(J) 
CVCLE FJ-1 1 -1,0 
VPY (F )=GAMMA ( F)-( (CX (F )VARY (F+W,BETA ( F) 
EPET 
- 
ROUTINE WR?RF(%REALFN G,PEALNAME X,REAL XGO,XG1,N11o,N210, 	C 
REALNAME REM, ITS,DIFF,R4T,2INTECER LIM,PERMIT) 
%RE.ALFNSPEC G(RE.AL TTTS) 





FOG ( xxO ) ; F 1 G(xx1);Mo=M0D(Fo);N1_MQD(Fl) 
12 =M1;F2=F1;xx2=xx1;uNKNfJwN_xx2 
%IF D0<N210 THEN ->01 
%IF M1<N21C THEN ->02 
RCUND:ITS=ITS+1 ;IF ITS>PERMIT THEN ->03 
CENQM=F1-FO ; 	1F 0D(CENOM)<N11C THEN ->04 
XX2=XX 1-0 1FF 
°IF XX2<0 THEN XX2=-1*Xx2 
F2=0(Xx2) 
t'2=MQD(F2) ; 	IF M2<N210 ?THEN ->20 
RATMOD(DIFFIXX2); 	LF RAT>1 THEN OIV=DIV+1 
IF DIV>LIM THEN ->05 
%IF FO*F1>c ° ANC M1<M0 	 %START 
)x0=xxI; F0=F].; M0=11 
FINISH ELSE 9STRT 
IF F1F2<0 THEN START 





PRTNTFL(XX2,8) ;SPACES( 3) 
PRITFL(F2 ,6) ; SPACES(5) 	- 
IF FRAC PT(ITS/100)=0 IQTHEN START 
DELZ=DELZ/2 
TEST=TEST*2 	 - 
IF XXI>XXo THEN %START, 	- 
XX1=XXI+(50*(ITS/100)) - 
>XO=)<XO+10 
Oi FIISH 	ELSE 	START 
XX1=)(Xl+1O 







C3:NEWLINES(?);?PRINTTEXTITOO MANY ITERATIONS ;NEWLINES(2);_>1O 
C 4 :NEWLINES(2);PRINTTEXT 4 DENOMINATOR TOO SMALL' ;NEWLINES(2);—>1C 
C5:NEWLINES(2);PR !NTT EXTITERAT!ON CIVERGES';NEWLINES(2);—>10 
10:NEWLINES(4);PRINTTEXTCURRENT VALUES ARE';NEWLINE 
9PRINTTEXT'NUMBER OF ITERATICNS=';PRINTFL(ITS,2) ;NEWLINE 
%PRINTTEXT I UNKNOWN= I ;PRINTFL(XX2,8);NEWLINES(2) 
%PRINTTEXTI 	CF CIVERGENT STEPS=';PRINTFL(DIV,2);NEWLINE 
%PRINTTEXTILAST CORRECTION AS FRACTION OF PREVIOUS ITERATE=' 
PR I NTFL( RAT, 4) ;N EWL IN E 
%PRINTTEXTILAST CORRECTION=';PRINTFL(OIFF,4);NEWLINE 
%PRINTTEXTIFUNCTION V.ALUE=';PRINTFL(F2,6);NEWLINESL3) 
20:X=XX2 ;REM=F2 	 - 
AAS= LKXY * x 1+ (Exp(s 1 _Ez1/(x+273))+Exp(53_Ez3/(x+273)))*EXTRA) 	%C,  
/(KXY+(Exp(S1—Ez1/(x+2V73))+Exp(53_Ez3/Lx + 273))) *EXTRA)  
X2=AAS 
/(KPSA) 
• 	• CCS=AAS—BBS 
9REALFN GGLREL ISS) 
BITl = Kx * x 1 +Exp(s 1 _Ez1/(TsS 4 273))+Exp(s3_Ez3/(TsS+273)))*ExTRA 
)(2= BITl/ ( KXY -4-{ EXP(S 1 _EZ1/(TSS 4 273))+EXp(S3_EZ3/(TSS+273)))*EXTR) 
Y2=BrT2/(KpA) 
%RESULT=—HF*(TSS—TTB)+(Hl 	C 
V_V OY 2 )+H3*EXP(53 — EZ3/(T$S+273)*1_X2)+ 	C 
V 	 •V 
 
0*',2))*EXTRA*NAO 




IS CCt'PILED SUCCESSFULLY 
37936 BYTES. 	CLAP 948 + 0 BYTES 	DIAG TABLES 1344 BYTES 	TOTAL 402 




COMPUTER LISTING FOR l-D PLUG FLOW MODEL 
Kinetic scheme: 
oxylene 	> tolualdehyde 	) phthalic anhydride 
CO2 
For bed length of 100 particles, axial step length of 
one particle diameter, machine time (360/50, IBM) for 
complete axial profiles was approximately 1.5 minutes. 
Effectiveness factors were calculated using temperature 




As before with the additions; 
YO 	 Inlet conversion and temperature 
levels 
STORE 	 Bulk fluid temperature and 
conversion levels 
YS 	 Catalyst surface temperature and 
conversion levels 
H 	 Axial step length 
U 	 Bed overall heat transfer coefficient 
TNOW 	 Bulk fluid temperature of previous 
axial step 







2PRINTTEXT'tJ=10 , WATT XYL. DISAPP. RATE , TOL. INT. 
NEWLINE 
%PRI-N'ITEXTIH2=XYL->TOL HT. OF REACTION' 
%PRINTTF-=XTI H1=296000,H3=655000' 
NEWLINES(2) 














ROUTINE SPEC RUNGE(9REAL H,XO,INTEGER N,M,RE4LARR4YN4ME V 	?C 
RES, ?ROUTINE F) 
:ROUTINESPEC FCT2(%REAL X,REALARRAyNAME Y,K) 
RQUTINFSP(C ICT1(2R1AL X,REALAkRAYNAME Y,K) 
R L A L LI' 
RE/.L TG1,TG2,REMM,ITSS,DIFFF,RATT,KXY,KTOL,KPIDE P KPA,HF 
%REAL AAS,bBS,00S,DDS ,EES ,TTS 
04'REAL EEY,EXTR47E3T1,x1,x2,yJ,y2, Zl,Z2,WI,W2,N1,N2 
9REAL RE,MU,DXV,DPA,ROWAIR,SC,PR,TKAIR,FF, HH,YAH,MMD 
REAL ETA1,ETA2,ETA3,ETA4,ETA5 
5INTEGER STI, ST2,LIMM,PERMM,SN 
%RCUTINESPEC WRPRF(REALFN G,9REALNAME X,?REAL XGO,XG1,Ni1O,N210, C 
REALNAME REM,IT5,DIFF,RAT,INTEGER LIM,PERMIT) 






5REAL COO,CAO,RK1,R.K2,RK3 7 H1,H2 7 H3 






READ( R);REAO(CP) ;READ (ROWCAT) ;READ (G) ;READ (GM) 
READ(U) ;RE4D(C);READ(TFEED);READ(TWALL) 
REAL) ( SS1) ; READ (SS3.) ;R EAD( EEl) READ ( EE3) 
READ(S2) ;READ(E2) 
READ(ALLOW) 




MW=GM 	• 	• 
N.AC=C.AO 
FAITH: 
RE =GD P/MU 
PR INTFL( RE, 5) 
NELINE 
SC=MU/ (ROW AIR* CxY 




KXY= (0667GFF) /(MWHH) 
PRINTFL(Kxy,4) 
NELINE 
SC=MU/ (ROW .AIR* CPA) 






PRINTFL (PR ,4) 
NEWLINE 
HF=GCPCO.922FF/(HH*MW) 
PR INTFL ( HF ,4) 
NEWLINES(5) 
CONST1=ROWCATCCOO*GM/G 
CON ST2=ROWCAT*COO*CAO*GM/ ( G*CP) 
NUtBER=O 







a'iF K=0 2THEN START 
Xi=YC( 1 );Y1=yo(2);w1y0(3);z1y0(4) 
TT B=T FEED 
F I NI SH 





, V 1.1 




WRPRF ( GG, ITS ,TG1 ,TG2, N1,N2 REMM ITSS DIFFF RAIl LIMM PERMM) 
P=K 
Q=K*H 







9IF K=0 THEN —>17 




PRINT(YS( I ),3,3) 
SPCES2) 
REPEAT 
NEWL INES (3) 
co"IF K=0 THEN TNOW=TFEED 
IF STORE(1)>0.99 THEN STOP 
%IF K=100 ZTHEN —>20 
REPEAT 
ROUTINE RUNCE(RE4L H,XO, 	INTEGER N,M 
%REALARRAYNAME Y,fS, ROUTINE F) 
ROUTINE SPEC F(REAL X, REAL ARRAY T.NAME Y,K) 
REAL 	XK 
INTEGER L 
?REAL ARRAY 	Z,K1,K2,K3,K4(1:M) 
IF N < 1 0RM < 1 ZTHEN —> 1 
100-' IF P>0 	THEN —>2 
CYCLE L=1,1,M 





%IP P = 0 ?THEN —>3 
Y(L) = STORE(L) 
3:.(L) = Y(L) 
%REPEAT 
LF=L 
F ( XI< , Z , KI 
O,r f)  
7otTt.L 
(L) =Y(L)+H*Kl(L)/2 
R C PEAT 





L F= L 
F(XK+H/2 ,Z,K3) 
2CYCLE L=1,1,M 
Z(L) = V(L)+H*K3(L) 
%REPEAT 
L F= L 
F (XK+H, Z , K4) 
9CYCLE L=1,1,M 
Y(L) = 
R ES ( L ) =Y ( L) 
2PEPEAT 
4 :?RETIJRN 
1: 	 ZPRINTTEXT' 
N OR fr TOO SMALL, NAMELY N = 
PRINT(N,2,0) 
J'PRINTTEXT 	'M= 
PRI NT(M,2 ,O) 
%PRINTTEXTI 
THIS ERROR OCCURRED IN ROUTINE == RUNGE == 
%END 
%ROUTINE FCT1(RE4L X,2REALARRAYN4ME Y,K) 
Oy IF LF-=M 1007 AND P>O THEN TNOW=STORE(LF) ELSE TNOW=TFEED 
%IF YS(5)>440 ?THEN cvSTART 
Si=SS1 ; S3=SS3 ; E].=EE1 ; E3=EE3 
EZ1=E1/R ; E12=E2/R ; EZ3=E3/R 
%FINISH 
% IF YS(5)<440 2THEN START 
Sl=SSS1 ; S3=SSS3 ; El =EEE1 -; E3=EEE3 




RKS3=EXP(53—EZ3/(273+yS(5) ) ) 
IF STORE5)>440 THEN ZSTART 
S1=SSI ; S3=SS3 ; E1=EE1 ; E3=EE3 
EZ1=E1/R ; EZ2=E2/R ; EZ3=E3/R 
%FINISH 
%IF STORE(5)<440 THEN START 
Si=SSSI ; S3=SSS3 ; El =EEE1 ; E3=EEE3 





ETIi=( ( RKS1+RK S3) -', ( 1—yS (I) ) 	(RK1-*-RK3)*(1—X1) 
ETA 2 = ( RKS 1*(1 _yS( 1 ))_RK52*yS(2))/(RK1*(1_X1)_RK2*yl) 
ET3=(RKS3'(1—vs(1)))/(RK3*(1_x1)) 
9IF P=1 THEN Yl=YS(2)/10 
ETA4=(RKS2yS(2))/(RK2*y1) 
K( 2 )=CCNSTi'{RK1*(1_y(i))_RK2*y(2))*ETA2 
K{ 3 }=CCNST1*RK3(1_y(1))*ET43 
K( 4) =CONST l*RK2v(2)ET44 
K(5)=C0N512*( ( RKi* (1_Y(i))_RK2*(y(2)))*ETA2*H1+RK2*y(2)*ETA4*H2 	C 
END 
RCUTINE FCT2(RE4L X,9REALARRAyN4ME Y,K) 
RK2=O 
K(1)=CONST1(RK1+RK3)*(1_y(1)) 
K (2 )=CONST1*((RK1*(1_y(1)))_(RK2*y(2)) 
K( 3 )=CONST1X((RK2*y(2))+RK3*(1_y(1))) 
%END 
%RGUTINE WRPRF(REALFN G,RE4LN4ME X,7REAL XGO,XG1,N11O,N210, 	C 
%REALNAME REM, ITS,DIFF,RAT,INTEGER LIM,PERMIT) 
%REALFNSPEC G(RE.AL TTTS) 






M2=M]. ; F2=F 1; XX2=XX1 ;UNKNOWN=xx2 
%IF M0<N210 9THEN —>01 
IF Ml<N210 2THEN —>02 
ROUND:1T5=ITS+]. ;IF ITS>PERMIT THEN —>03 
DENOM=F1—FO ; rQoIF MOD(DENOM)<N110 THEN —>04 
DIFF=Fl*(xx1—xxo)/DENUM ; XX2=Xx1—DIFF 
%IF XX2<0 THEN XX2=-1*Xx2 
F 2 = G ( X X 2 ) 
M2=MOD(F2) ; IF M2<N210 THEN —>20 
RATM00(DIFF/xx2); 	IF RAT>1 THEN DIV=DIV+1 
9IF DIV>LIM THEN —>05 
ZIF FO*F1>O UND M1<MO THEN START 
XXC=XX1; FQ=Fl; MO=l 
%FINISH Y.ELSE START 
?IF Fi*F2<0 3THEN START 
XXO=XX1; F0=F1; M0=Ml 
9FINISH;2F INISH 
XXI=XX2 ;F1=F2 ; Ml=M2 
—>41 
PR INTFL ( 115,2) SPACES (3) 
PR INTFL (XX2,8 ) ; SPACES (3) 
PRINTFL(F2,6);SPACES(5) 
41: 
%IF FRAC PT(ITS/100)=0 THEN 2START 
%IF XX3.>XXO ?THEN °/0START 
XXI=XX].+(50*(ITS/i00) 
xxO=xx0+10 
FINISH 	ELSE 	START 







02 : XX2=XX]. ;—>20 
03:NEWLINES(2);PRINTTEXT'TOO MANY ITERATIONS';NEWLINES(2);—>10 
O4:NEWLINES(2);%PRI NTT EXT'DENC)MTNATOR TO SMALL' ;NEWLINES(2);—>1O 
05:NWLINES(2);PRIN1TEXT'ITEAiION 0IVERGES';NEWLINES(2);—>10 
10:NEWLINES(4);?PPINTTEXTtCURRENT VALUES ARE';NEWLINE 
0/0'PRINTTEXTINUMBER OF ITERATIONS=';PRINTFL(ITS,2) ;NEWLINE 
%PRI 	UNKNOWN=' ; PRINT FL ( XX2 7 8) ;NEWL INES (2) 
,woPRI 	OF DIVERGENT STEPS= ';PRINTFL(DIV,2);NEWLINE 





IF X<440 THEN START 
Si=SSS1 ; S3=SSS3 ; Ei=EEE1 ; E3=EEE3 
EZ1=E1/R ; E12=E2/R; EZ.3=E3/R 
0 'IF X>440 THEN 9START 
S1=SS1 ; S3=SS3 ; E1=EE1 ; E3=EE3 










SNE!: 	 V 	 - 
5 REALFN GG(9RE.AL TSS) 
~ IF TSS>440 THEN START 
S3.=SSi ; S3=SS3 ; E1=EEI ; E3=EE3 
E11=EI/s ; EZ2=E2/R; EZ3=E3/R 	V 	
V % FINISH 
010" IF TSS<440 THEN 	START 
Si=SSS]. ; S3=SSS3 ; E1=EEE1 ; E3=EEE3 
EZ1=Ei/R ; E12=E2/R; E13=E3/R 	 V 
% FINISH 
BITi=(KXYX1+(Exp(s1_Ez1/ (TSS+273) )+EXP(S3—EZ3/(T$S+273) ) )*EXTRA) 
X2=BITl / (Kxv+( exp ( si_Ez 1 / ( Tss+2 73))+Exp(53_Ez3,(T5S+273)))*EXTRA) 
( EXTRA*. (EXP(S2— EZ2/(TSS+273)))+KTQ) 
/(TSS+273)HY2);'H1)+((EXp(52_EZ2 C 
/( T SS +2 73 ) ) *Y2) 	2) ) cEX TRA* N4Q 








GLAP 424+ 0 BYTES 	DIAG TABLES 1376 BYTES 
S 	TOTAL 17712 BYTES V 
:LE COMPLETE. PARAMETER FOR FILING :- SPACE=(3438,6) 
147. 
APPENDIX 4 
TREATMENT OF BOUNDARY CONDITIONS 
FOR ONE-DIMENSIONAL AXIAL DISPERSION MODEL 
Z=O,P entry P - 1 d_2. 
0 N 	IZZO Peam 
1 Fl-P0 
i.e. P entry = P0 - 
Peain 
(using forwerd difference analogue, 1st order correct) 
P 
thus 	(P entry + 	
1 -  
Peam Z 	 Peam 
Similarly for To 
Z = NA Z ciZ zZ = 0 
i.e. 	 P — - 	N - PN-i 
(backward difference, 1st order correct) 
Similarly for TN 
Thus the conservation equations are applied at the 
axial points 1--,N-1 inclusive. Fictitious points are 
not used and hence computation of inlet variables at z0 
is prohibited. 
The convergence criterion was the same as that for the 
2-D model. 
For a bed length of 75 particles, axial step length 
equal to one particle diameter, machine time on IBM 






As before with the additions: 




PEAM 	 Peclet No. for axial mass transfer 
PEA}i 	 Peclet No.. for axial heat transfer 




PRINTTET'AXIAL DISPERSION MCCEL * PASS / HEAT RESISTANCES AT I 






INTEGER I , J , K,E,P,COL1\T,LIt,PEpJI,ST,ST 
REAL EZ1,EZ2 
RE4L AA1N,6BIr,CCIN, -rTIN 
R EA L AA 5, EeS, CCS ,TTS 
REAL C-,M,RCWCAT,DP,CT,CZ, CT1,CT2,CT3,CT4,pEAt,pEAH 
%REAL Si ,S2,E]. ,E2, h1,H2ICP,H,TWALL,1UFF,THE,MULE 
?REAL TG1,TC-2,REMM, ITSS,DIFFF,RATT,UNKNOWN,KXY,KPA,HF 
%REAL NAO,R,  TEST ,z ,OLDCELZ,EXTRA, EEY,BJT1, EIT2,X1 ,X2 7 Y1, Y2,TTB 
%REAL RE,MU,tJX'y, CPA,ROtAJR ,SC,PR,TKAIR,FF,HH,N1,N2 
%REALARRAY ADD(Q:N) 






%REALARRAY AA3 ,E33,003,003 (0 :N) 
REALARRA'YAA4,B4,CC4,CC4(O:N) 
°,REALARRAY 8ETR1, EETAR2,BET4R3,,ETAR4(O;N) 
2REALARRAY GAttARuyGAt'U1 AR2,GAMMAp3,GAMMAR4(O:N) 
%REALARRAY RKL , RK 2 ,RKS1,RKS2,ETAI,ETA2,ETA3(O:N) 
RCUTINESPEC TCM(REALARRAVNAME AX,EX,CX,DX,BETA,GAMMA, INTEGER j) 
RCUTJNESPEC WPPRF(REALFN C,REALNAMEx,?RE4L XG0,XGL,N1i0,N210, 	C 
%REALNAME REM,ITS,DIFF,RAT,XNTEGER LIM,PERMIT) 
REALF1\SPEC GG(REAL ITS) 
READ (El) ;READ( E2) ;REA(Si) ;READ(S2);REAQ(H1) ;REAC(h2);READ(NAO) 
READ( CT) ;READ(CP);REAC(H);READ(G);READ(M);REAC(ROWCAT);READ(PEAM) 
READ ( PEAH) ;READ  (R);REAC(CP);READ(1ALL); READ( OZ) ;REAOOXY);REAC(DP 
READ (TKAIR) ;READ( RCWA IR) ;R EAD( MU) ; READ ( ST1) 	EAr(ST2) 
PRITTEXT 1 pETh= 
PRINTFL(PEAH,3);SPACES(2) 
%PRINTTEXTIPEAM= 
PRINTFL(PEAM,3) 	 - 
I\EtLINE. 
z=C 	
-/ N11/(iO**STL);N2=1/(1O**5T2)  
RE=C-*CP/MIJ 
PRINTFL(RE,5) 	; 	NEWLINE 
SC=MU/(RCWJR*Cxy) 
PRINTFL(SC,) 	; 	NEWLINE 
FF=EXP(-0.34*LCG(RE)) 	; 	I-H=EXP(O.667*LOG(SC)) 
KX=(0.7G*FF)/(fr*HI-) 
PRINTFL(KXY,5) 	; 	NELINE 
SC=MU/(RCWAIRCPA) 
PRINTFL(SC,5) 	; 	NEWLINE 
hH=E)P(O.667*LCC( St)) 
KP=(O.o67*cFF)/MHH) 
PRINTFL(KPA,5) 	; 	NELINE 
PR=CPfrU/TK4IM) 




PRINTTEXT'BULK FLUID CONDITIONS' 
SPACES(20) 
'OOPRINTTEXTIPELLET SURFACE CC1DITICNS' 
NELINES(3) 
READ(PERMt');RED(LIMM);REAE(EEY) 
EZ1=E1JR 	; 	EL2=E2/R 
EXTR=ROCT*(CP/6)*(1/(1—EEY)) 
CT 1= DP*PCWCATIG 
CT2=t'*DP*RCCIT*NAC/( C-*CP) 
CT=*H*EP/ ( C*CP*CT) 
RE tD C TE ST 
• AA IN=O; B3 IN=O; CC IN =0; TT IN= TWALL 
1 CCYCLE J=1,1,N 
ADC(J)=1.0 




T(J)=TIN(J) 	; A(J)=IUN(J) ; B(J)=BIN(J) ; C(J)=CIN(J) 
RK1(J)=EXP(S1—EZI/(T(J)*273)) 
RK2(J)=EXP(S2—EZ2/(T(J)+272)) 
TTE=T(J) ; TGI=T(J) ; TC-2=T(J)+ADD(J) 
X1=A(J) ; V1=B(J) 
RPRF(GG,TTS,TG1,TG2,l\1,t\2,REMt',ITSS,CIFFF,R4TT,LIMM,PERMM) 















AA1(J)=-1/ (PEA '*DZ*2) 
Ccl ( ) = 110 Z—1 / (PEt'DZ**2) 
001(J) =CT l(RK1( J)+RK2 (J) ) 'ETAl (J) 
CREPEAT 
AA1(N)=_1/(PE AV* CZ' *2) 
BB1(.)=1/(PEAM0Z**2)+CT1*(RK1(N)4RK2(N))*ETAl(N) 
CC1U'=O 

















B (I) 	i1' (I) 
EAT 
A42( 1) =C 
• CC3(1)=1/DZ_1/(pEAMcDZ**2) 









• CC3( N)=0 
CD3( N)=CTI*PK2 (N) *( 1—IA (N) ) *ETA3 (N) 
T0fr(AA3,EE3,CC3,DO3,3ETAg3,GAMMAR,NJ 
%CYCLE I=l,1,N 
C(I) =VARY (H 	 •. 
%REPEAT 
AAA 1) =0 
CCl)=1/0z_1/(pEh*cz**2) 




DDA(N)= 0 04(N)+CT4*TWALL 
TG(, E 84, CC 4, OC4 BETR4GAMMARAN) 




PR INTFL (B (K ),5 ) ;SPACES(2)  
PRINTFL(C(k<) ,5 ) ;SPACEs(2) 
PRINTFL(T(K),5) 
SREPET 
NE LINES (2) 
COLNT=Q 
CvCLE E=l ,1,N 
AEC ( E )=T (E )-TIN (E) 









7 :C0LNTCOLNT+ 1 
8:REPE4T 
LF COLNT=N THEN ->1 ELSE ->2 
;PINT1EXT'FINAL CGNVERGEU PROFILES ARE 
t\L L I NES (2) 
PPI1\TTEXT'OULK 	 8FF FAG  
NE LINE 	 SURFACE' 
%CYCLE  L=l j ].,t 	 * 
Z=z+L*DZ*Dp 
PR IN iF L (1,3); S PACES (3 
PR1NTFLA(L),4);  SPACES 2) 
PRINTFL(8(L),4);SPACES(2) 
PRINTFL(C(L),4);SP.CES(2) 




PR INTFL (AS (L), 's); SPAC ES(2) 
• PRINTFL(BS(L) ,) ;SPACES(2) 
PRINTFL(CS(L),4);SPACES(2) 




%RCLTINE TCt(REALARPAYt'AtE AX,EX,CX,DX,BETA,GAMMA,INTEGER J) 
ItTEGER R,F 




cc7 CYCLE H=2,1,J 
'BETACH)=Bx(H)—(AX(h)*CX(H—l))/(BETA(H-1)) 







9R0UTINE WRPRF(°/OREALFN G,REALNAt'E X,REAL )CCC,XG1,N110,N210, 	C 
• RE4LN.A;VE REM,ITS,0IFF,RAT,INTEGERLIM,PERMIT) 
• 	
• . . 
 
%REALFNSPEC G(REAL TTIS) 
- 	REAL XXO,XX1,XX2,FO,F1,F2,MO,t1,M2,DE('CM 
UTEGER DIV 
DI 'd=C; I TS=C; RAT=0 
XC=XGC;XX1=XG1 
F0=G ( XXO) ; F1=G( XXI) ; MO=MCD( fO) ;Ml=M00 ( Fl) 
t'2=1;F2=Fl;XX2=XX1;UNKN0WN=X)'2 
• 	IF M0<t\210 THEN —>Cl 
%IF M1<N210 °THEN —>02 
ROLND:I1'S=ITS+l ;IF ITS>PEFWIT 5THEN —>03 
CEtCM=F1—F0 	UF M0D(CENDM)<!\110 THEN ->04 
DIFF=Fl*(Xl—XX0)/CEM0" ; X)<2=XX1-0IFF 
• 	IF XX2<0 01tTHEN XX2=-1*XX2 
F2=G(X)2) 	• 
t2=MCD(F2) ; 0101 IF M2<t'210 ?THE( —>20 
RAT=MOC(DIFF/XX2); 	IF RAT>l VHEN DIV=DIV+l 
%IF DI\s)LI 	THE(' —>C5 
• 	IF FO*Fl>0 ANCMl<MO %THEN.15TART. 
)XC=XXI; FO=F1; MC=M1 
FINISH ?ELSE 	ST,RT 
IF F1F2<O THEN 5STgRT 
)CXO=)(X1; FO=F1; MO=M1 
F IN I S F ; 01cl F.1 N IS H 
)cXl=XX2 ;Fl =F2; M1=!2 
—>1,1 
PRINTFL(ITS,2) ;SPCES(3) 
PR1NTFL (XX2,S) ;SPACS (3) 
PRINTFL(F ,6) ; SPACES( 5) 
41: 
?1F FRC PJ(ITS/1CC)=0 THEN 	STRT 
?IF XX1)XXO THEN START 
)X1=)X1+(50(ITS/1CO)) 
xx0=xxo+'o 







CI: )X2=)XO ;—>20 
• C2:)2=XX1;—>20 
C3:NEWLINES(2);PRiNTTEXT'TOO MANY ITERATIONS' ;NEWLINES(2);—>1O 
C4:NEWLINES(2);9PRINTTEXT'DENCM.INATOR TOO SMALL;NELINES(2);—>lC 
O5:NEWLINES(2);PRINTTEXT'ITEPTION OIVERC.ES';NELINES(2);—>lO 
1O:NEWLINES(4);9PRINTTEXT'CURRENT VALUES ARE ';NEWLINE 
%PkINTTEXTINUMBER CF 1TERATICNS=';PRINTFL(ITS,2) ;NEWLINE 
• 	PRINTTEXT'UNKNOWN=';FRINTFL(XX2,8);NELINES(2) 
PRINTTEXT'NUMBER OF CIVERGEt'T STEPS= ;PRINTFL(DIV,2);NEWLINE 





AAS(KXY*X1+(EXP(S1_EL1/(X+273) )+EXP(S2_EZ2/(X+273)))*EXTRA) 	C 
/(KXY+(EXP(S1—EZ1/(X+273) )+EXP(S2—EZ2/(X+273)fl*EXTRA) 
X2=AAS 
88S=(<PA*Y1+(EXP(S1—EZ1/(X+273)))*(I — X2)*EXTR) 
/(KPA) 
CCS=S—BBS 	• • 
END 
%REALFN GG(REAL TSS) 
BIT1=KXY*X1+(EXP(SL-EZ1/(TSS+273))+EXP(S2-EZ2/(TSS 4 273)))*EXTRA 









• 	ILEO SUCCESSFULLY 
• GLAP 368 + 0 BYTES 	IJIAG TABLES 1016 BYTES 
• TCTtL 21360 BYTES 
:cMFLETE. PARAMETER FOR FILING 	SPCE=(3438,7) 
149. 
APPENDIX 5 
HEATS OF REACTION 	(-4H) 
oxidation of o-xylene to 
o-tolualdeh•yde 	 heat release 109,000 kcal kmole 
phthalic anhydride 296 1000 kcal kmo1e 
o-toluic acid 161 9000 kcal kmole 
phthalide 208,000 kcal kmole 
maleic anhydride (2 moles) 423,000 kcal kiuole 
maleic anhydride (1 mole) 758,000 kcal kmole 1 
CO/H20 550 1000 kcal kmole 1 
CO2/H20 1,091,000 kcal kmole 
150. 
APPENDIX 6 
THE MASS BALANCE 
(1) Calibration of the Chromatograph 
The exit reactor gas stream analysed chromatographically 
was diluted with a nitrogen stream saturated with 
naphthalene at 670C before the sample was taken. The 
dilution ratio was calculated from knowledge of the exit 
reactor and exit chromatograph sample loop oxygen figures. 
Thus the mole % naphthalene in the chromatograph sample 
was known. On integrating the individual peaks of the 
chromatogram all that was necessary to quantify the 
percentages of the other components was knowledge of the 
response of the chromatograph to the other components 
relative to napbthalene. An air stream saturated with 
either o-.xylene, phthalide, phthalic anhydride or maleic 
anhydride was mixed with the naphthalene saturated 
nitrogen stream and the relative responses over a range 
of concentrations were measured. The o-tolualdehyde 
response was obtained using 1 microlitre liquid injections 
of naphthalene and o-tolualdehyde dissolved in acetone. 
Using a sample loop of volume 05 cc ; the calibration 
was found to be linear for o-xylene up to a concentration 
of 1.5 mole %. A linear calibration was also given 
for maleic anhydride and o-tolualdehyde over the range 
of concentration they existed in the reactor exit stream. 
151. 
Due to the tailing of the phthalic anhydride and phthalide 
a non-linear calibration was given, the deviation 
increasing with concentration. However an approximately 
linear calibration was given up to a maximum phthalic 
anhydride concentration of 0.25 mole%(saturation 
temperature 1200C, concentration 0,55 mole% at 800 
mmHg, giving 0.225 with 50% dilution). 	It was thus 
a policy in the analysis procedure to work with large 
dilution ratios giving phthalic anhydride concentrations 
bracketed by the calibration runs. 
The results of the calibration are summarised in 
Table (to) below, with the observed experimental 
variation. 
Hydrocarbon 
Integrated Peak Area 
Equal Mass 	Equal Moles 
Naphthalene 100 + 1 100 
0-xylene 100 	1 83 
0-tolualdehyde 72 + 1 67 
Phthalide 57 	1.5 60 
Phthalic Anhydride 50 + 1 2 65 + 2 58 9 75 
Maleic Anhydride 24 + 1 18 
The two values given for phthalic anhydride correspond 
to the two different sample loops, tailing of the 
phthalic anhydride peak being more pronounced on sampling 
through the loop with the larger response. 
152. 
(2) The Mass Balance Equations 
If XRAT represents the response of the chromatograph to 
o-xylene, relative to naphthalene (equal moles), and 
RATIO represents the ratio of percentage oxygen in 
chromatograph sample/percentage oxygen in reactor 
exit stream then 
mole % naphthalene in chromatograph sample, N 
Vapour Pressure Naphthalene at 
= 	temperature of saturation 	*(j..RATIO) *\OO 
Total Pressure at Saturation 
mole % o-xy].ene in chromatograph sample, X 
= N *AX *1 2 
XRAT 
X,AN -Chroxnatogram areas of o-xylene, naphthalene respectiveiy.  
. mole % o-xylene in reactor exit. stream, MX 
=N *AX *1 *1 
AN XRAT RATIO 
and similarly for other components. 
Let the reactor air flow be G litres/mm, measured at 
250C and let the o-xylene flow be m ml/min. 




mw 22.4 29%  
and fraction o-xylene converted to individual reaction 
= mole % in exit reactor stream (equation(3)) products 	 XYL. *100 	 . . . (5) 
4 
153. 
The oxygen usage figure may be calculated from these 
data and the stoichionietry of the reaction system 
represented as follows: 
CH 	 \CH3 
[ 	




+ 202 	 + 2H20 
/\ 0 /\\ -. 
1110 
F 'OF r 	
i0 
2 
+ 302 	L\Cz0 
/? CH 	 - 
I 	H CH 	 0  + 7.50 t\ 
/ 	 2 	




+ 10.502 	8CO2 + 5H20 K) CH 3 
Let A = fraction of o-xylene converted to 0-tolualdehyde 
	
B = 	 phthalide 
C = 	 phthalic anhydride 
D = 	 maleic anhydride 
E = 	 carbon dioxide 
AA = fraction o-xylene unconverted. 
Allowance for the carbon dioxide formed with the production 
of maleic anhydride results in the following equation 
for B if exit reactor CO  % is ECO2 
154. 
E = (ECO2 - 4*J4) / ( 800*XYL) 
where MMA is the mole % maleic anhydride in exit reactor 
stream. 
On a basis of 100 moles fed to the reactor, if inlet 
oxygen percentage is 102 
Input : 102 moles oxygen 
XYL *100 moles o-xylene 
(100 - 102 - XYL *100) moles nitrogen ( 1N2) 
Carbon dioxide insignificant ((0.04%) 
Output : 
Nitrogen 	 (100 - 102 - XYL*100) moles 
o-xylene 
o-tolualdehyde 	A*XYL '0 0 
Phthalide 	 B*XYL 4 
Phthalic anhydride C*XYL '00 
Maleic anhydride D*XYL * 00 
Carbon dioxide 	(8*E + 4*D)*L*\oO 
Water 	 (A +2B + 3C + 4D + 5E)*XYL1 k 0O 
Oxygen 	 102 - (XYL*(A + 2B + 3C + 7.5D + 10.5E))s\oo 
Then exit reactor oxygen percentage 
= 	 102_(XYL*(A+2B+3C+7.5D+10.5E))*100 
102_(XYL*(A+2B+3C+75D+10.5E))+1N2+(XYL*(AA+2A+3B 
+4C+9D+13E) ) 0 0 
This percentage is included in the tables of results along 
with the selectivities to both useful hydrocarbon and 
phthal ic anhydride. 
155. 
These were calculated using the o-xylene conversion 
based on the sum of the product conversion levels 
rather than on the o-xylenc conversion given directly 
from the outlet o-xylene mole fraction. 
156. 
APPENDIX '7 
TABLES OF EXPERIMENTAL RESULTS 
FBT INLET OUTLET CONVERSIONS SELECTIVITY EPT CALC- MASS 
C XYLENE XYL TOL PIDE 	PA MA 	CO2 PA HC 02 02 BAL 
M.F. 7. 7. 7. 7. 7. 7. 7. 7. 7. 7. ERROR 
2.5 CMS DIAMETER REACTOR 
DEPTH OF CATALYST BED = 	0 CMS ; WT. 	= 0 CM 
460 0.0096 92 4.3 0 	1.3 0 	•2. 3 15 72 20.5 20.5 +0.4 
476 0.0096 93 5.9 0 0 0 2.9 0 66 20.5 20.7 +1.8 
485 0.0096 89 6.4 0 	3.2 0 	3. 4 25 74 20.5 20.3 +1.8 
DEPTH OF CATALYST BED = 	2.5 CMS ; WT-=13 	GM 
420 0.0089 96 0.9 0 	0 0 	2.1 0 30 20.5 20.6 - 1.0 
435 0.0089 88 4.6 0 4.9 0 2.8 40 77 20.3 20.4 +0.3 
442 0.0089 85 6.7 0 	5.9 0 	3.5 36 78 20.1 20.2 +1.1 
DEPTH OF CATALYST DED = 	7.5 CMS ; WT. 	40 GM 
420 0.0099 35 6.5 0 	7.0 0 	3.2 42 31 20.3 20.2 +1.7 
440 0.0099 68 12.5 2.1 	17.2 0 3.8 50 89 19.5 19.7 +3.3 
458 0.0099 69 16.5 1.3 	12.5 0 	5.1 35 86 19.5 19.7 +4.4 
DEPTH OF CATALYST BED = 15.0 CMS ; WT-=77 GM 
419 0.0099 64 13.4 1.9 15.5 0 5.7 42 85 19.2 19.5 +0.5 
431 0.0099 55 13.6 3.0 21.4 0 5.7 	.46 83 19.5 19.4 -1.3 
445 0.0099 46 19. 6 4.0 24.4 0 8.3 43 85 18.7 18.9 +2.3 
DEPTH OF CATALYST BED = 	22.5 CMS ; WT.= 115 GM 
415 0.0099 47 17.1 4.1 22.8 3.7 • 5.1 43 83 19.1 19.1 -0.2 
441 0.0099 20 17.5 7.8 41.5 3.5 10.8 51 82 17.8 17.8 +1.4 
452 0.0099 11 16.9 10.3 46.0 0 15.2 52 32 17.3 17.4 -0.6 
DEPTH OF CATALYST BED = 	30.0 CMS 	; WT.= 155 GM 
395 0.0100 83 6.9 0.9 4. 4 0 5. 1 26 71 17.6 17.6 +0.3 
419 0.0099 19 19.9 3.3 37.6 0 16.0 46 50 18.0 17.7 +0.5 
413 0.0099 23 20.0 3.3 33.0 0 14.1 44 51 18.2 15.0 +3.4 
428 0.0100 15 20. 1 10.5 33.6 0 12.6 47 35 17.9 17.9 -0.7 
440 0.0099 10 16.5 9.0 47.2 5.9 16.2 50 77 17.1 17.0 +4.3 
DEPTH OF CATALYST BED = 	37.5 CMS ; WT-=194 GM 
403 0.0058 13 14.3 9.5 49.4 2.9 12.0 56 93 17.8 17.6 -1.9 
420 0.0100 5 10.0 10.6 58.0 7.4 12.0 59 80 17.1 17.0 +3.0 
420 0.0100 10 13.4 10.2 52.0 7.4 11.4 55 50 17.2 17.2 +4.4 
436 0.0099 3 6.6 8.2 63.7 9.7 12.4 63 78 16.8 16.8 +3.6 
449 0.0099 1 4.410.9 63.4 3.6 15.6 63 75 16.6 16.3 +3.9 
- 
FBT INLET OUTLET CONVERSIONS SELECTIVITY EXPT CALC MASS 
C XYLENE XYL TtT11- FIDE PA MA CO2 PA HC 02 02 BAL 
M. F. % % % 7, 7, % 7, 7, ERROR 
DEPTH OF CATALYST BED =45 CMS ; WT.=235 GM 
410 0.0100 5 7.0 7.0 60.0 6.7 13.0 62 80 16.9 16.8 -1.3 
426 0.0100 2 5.2 8.7 58.7 3.8 15.1 64 79 16.8 16.9 -6.5 
426 0.0100 3 6.5 8.9 61.3 7.7 13.2 63 79 16.8 16.8 +0.6 
440 0.0100 1 4.6 9.1 63.4 10.1 14.5 62 76 16.6 16.5 +2.7 
DEPTH OF CATALYST BED =52.5 CMS ; WT.=275 GM 
414 0.0099 3 5.9 10.4 62.8 6.9 14.9 62 78 16.9 16.6 +3.9 
422 0.0100 2 4.5 9.2 64.0 6.6 16.9 63 77 16.5 16.4 +4.2 
433 0.0099 1 2.9 7.3 68.3 6.9 16.9 67 77 16.5 16.4 +3.3 
DEPTH OF CATALYST BED =86 CMS ; WT.=345 GM 
390 0.0100 91 5.1 2.1 3.1 0 3.2 27 73 20.4 20.3 +3.5 
416 0.0100 0 0.7 5.3 72.9 8.8 15.7 70 76 16.5 16.3 +3.4 
417 0.0100 0 0.9 5.7 74.3 5.2 17.6 71 78 16.5 16.3 +3.7 
432 0.0099 0 0 5.8 72.3 8.4 16.7 70 76 16.3 16.2 +3.2 
440 0.0099 0 0 5.0 73.8 6.9 18.8 71 75 16.3 16.1 +4.5 
DEPTH OF CATALYST BED =36 CMS ; WT-=345 GM 
NO ALUNDUM SPHERES PRESENT IN SECOND LIMB 
415 0.0097 1 2.9 8.7 72.0 6.8 13. 5 69 80 16.5 16.7 +4.9 
418 0.0095 0 1.4 7.2 73.0 8.1 13.1 70 79 16.6 16.7 +3.3 
RECYCLE MODE: 
418 0.0095 9 8.5 9.2 57.0 2.8 15.8 61 80 16.8 17.1 i-2.3 
NORMAL MODE: 
418 0.0095 4 6.0 9.3 64.0 7.1 13.0 64 80 17.0 17.0 +3.4. 
438 0.0095 0 0 7.0 74.0 5.8 16.4 72 79 16.7 16.6 +3.2 
RECYCLE MODE: 
440 0.0095 1 2.5 9.0 72.0 5.0 14.8 69 81 16.6 16.8 +4.3 
NORMAL MODE: 
440 0.0095 0 0.8 7.8 74.0 4.9 16.2 71 80 16.6 16.6 +3.7 
DOUBLE FLOW , 68 LITRES / NUN 
NO ALUNDUM SPHERES PRESENT 
NORMAL MUDE 
418 0.0100 19 15.9 8.8 44.0 4.0 11.8 52 31 17.3 17.6 
430 0.0100 20 16.8 8.1 41.0 4.6 10.3 51 82 17.8 17.6 +0.3 
442 0.0100 8 15.1 8.9 56.0 7.0 3.0 59 84 17.2 17.5 +3.0 
NORMAL FLOW , NORMAL MODE 
381 0.0100 94 2.4' 0 1.4 0 2.5 22 60 20.5 20.5 +0.3 
393 0.0100 87 4.6 1.2 4.7 0 3.7 33 74 19.9 20.2 +1.2 
IGNITION: 
400 0.0100 26 21.0 3.7 28.0 7.6 13.538 72 17.0 17.7 -0.2 
FBI INLET OUTLET CONVERSIONS SELECTIVITY EXPT CALC MASS 
C XYLENE XYL TOL PIDE PA MA CO2 PA NC 02 02 BAL 
M.F. % % % 7. 7. 7. 7. 7. ERROR 
DEPTH OF CATALYST BED = 	60 CMS ; 	WT=326 GM 
460 0.0098 1 0. 5 0.5 67.3 9.5 15. 7 72 73 16.3 16.5 -5.5 
464 0.0097 1 0.4 0.6 64.5 10.2 14.4 71 72 16.3 16.8 -9.9 
466 0.0097 1 0. 4 1.1 68.4 10.9 14. 	1 72 74 16.3 16.6 -4.1 
476 0.0097 1 0.4 0.4 74. 4 10.7 15. 5 73 74 16.2 16.3 +2.4 
488 0.0097 1 0.3 0.8 73.9 10.0 17. 	1 72 73 16.1 16.2 +3.1 
488 0.0097 1 0. 4 0.4 70.9 9.5 17. 4 72 73 16.1 16.3 -0.4 
DEPTH OF CATALYST BED = 	113 CMS ; WT=616 GM 
480 0.0097 0 0 0 75.9 11.0 17.9 72 72 16.1 16.0 +4.8 
487 0.0095 0 0 0 74.7 10.2 18.9 72 72 16.1 16.1 	'+5.8 
DEPTH OF CATALYST BED = 	113 CMS ; WT= 616 GM 
DEPTH OF ALUNDUM SPHERES 53 CMS ; WT=290 	GM 
471 0.0096 1 0 0 65.5 9.7 18.2 70 70 16.2 16.5 -6.6 
'i80 0.0096 1 0 0 74.4 11.7 17.8 72 72 16.1 16.1 +3.9 
487 0.0095 1 0 0 66.5 11.0 19.1 69 69 16.0 16.3 -3.9 
DEPTH OF CATALYST BED = 	II3CMS 3 	WT=616 GM 
DEPTH OF ALU'JDUM SPHERES = 53 CMS ; WT=290 GM 
DEPTH OF S/S RINGS = 	30CNIS ; 	WT=323 GM 
460 0.0095 0 0 0 76. 1 13.4 14.9 73 73 16.2 16-3 +4.4 
471 0.0095 1 0 0 65.1 12.0 16.7 69 69 16.2 16.5 -5.2 
481 0.0095 1 0 0 68.9 14.0 17.2 69 69 16.1 16.2 +0.1 
494 0.0095 0 0 0 66.7 10.4 21.4 67 67 16.0 16.1 -1.5 
INCREASE IN REACTOR THROUGHPUT 
REACTOR AIR FLOW = 64 L/M' 
DEPTH OF CATALYST BED = 	86 CMS 3 	WT=345 GM 
418 0.0100 19 15.9 8.8 43.9 4.0 11.8 52 131 +3.4 
430 0.0100 19 16-8 8.1 40.9 4. 6 10.3 51 81 -0.3 
441 0.0100 5 10.4 12.8 60.3 5.5 11.0 60 83 +5.5 
442 0.0100 8 15. 1 8.8 55.6 7.0 8.0 59 84 +2.5 
NORMAL FLOW 
INCREASE IN 'XYLENE 	INLET M. F. 
DEPTH OF CATALYST BED = 	86 'CMS ; 	WT=345 GM 
415 0.0103 1 2.0 4.3 66.8 5.9 13.6 72 79 16.4 16.7 -6.4 
416 0.0150 3 1.7 2.9 65.0 13.9 13.6 67 72 13.7 14.0 +0.1 
4113 0.0150 4 4.4 2.0 61.1 7.1 16.3 67 74 14.3 14.4 -5.1 
419 0.0150 5 7.7 2.9 58.5 7.3 15.3 64 75 14.5 14.6 -3.3 
419 0.0104 7 10.4 5.6 62.6 4.6 12.8 65 82 16.7 16.9 +3.0 
13F 	INLET OUTLEV CONVERSIONS SELECTIVITY EXPT CALC MASS 
C XYLE\JE XYL 	VOL PIDE 	PA 	MA CO2 	PA 	NC 02 (12 DAL 
M. F. 2. % % 	% % % % 7. % ERROR 
5. 1 CM DIAMETER REACTOR 
DEPTH OF CATALYST BED = 	64 CMS ; WT= 1280 GM 
412 0.0056 1 1.0 2.0 70.0 8.8 17.0 71 74 1.3 
414 0.0056 1 1.8 1.5 65.0 8.1 17.4 69 73 18.3 
415 0.0056 1 1.3 1.9 67.5 8.1 17.4 70 73 18.2 
421 0.0056 1 1.2 2.0 66.9 9.0 18.4 69 72 18.2 
377 0.0095 90 2. 6 0 1.0 0 2.7 16 58 20. 5 
386 0.0061 1 4.0 5.5 62.3 8.7 16.2 64 74 18.2 
DEPTH OF DILUTED CATALYST BED = 135 CMS 
WT. OF CATALYST = 750 GM ; 	WT OF ALUNDUM = 2400 GM 
409 .0.0094 6 8. 1 4.9 56.7 5.6 15.3 63 77 17.0 
422 0.0092 8 11.6 6.0 55.0 6.1 19.4 56 74 16.5 
428 0.0093 5 9.0 5.5 53.7 8.5 18.0 56 74 16.4 
435 0.0095 4 8.0 5.5 53.9 8.5 21.9 55 69 16.0 













KINETIC RUNS USING DILUTED BEDS 	IN 	2.5 CMS DIAMETER REACTOR 
BED 	INLET 	OUTLET CONVERSIONS SELECTIVITY EXPT CALC 	MASS 
TEMP XYLENE XYL TOL PIDE 	PA 	MA CO2 	PA 	NC 02 02 BAL 
C 	M.F. 	 % % % % ERROR 
DILUTION RATIO = 13: 1 BY WEIGHT 
WEIGHT OF CATALYST = 64 GM 
385 0.0094 95 1.5 0 1.7 0 2.0 32 61 20.7 20.5 +0.2 
335 0.0094 96 1. 5 0 1.8 0 2. 0 34 62 20.7 20.5 +1.3  
390 0.0094 95 1.3 0 1.5 0 2. 4 29 54 20.7 20. 5 +0.2 
390 0.0094 96 1.3 0 1.8 0 2./4 33 56 20.7 20. 5 +1.3  
395 0.0094 95 1.8 0.2 2. 1 0 2.7 31 60 20.6 20. 5 +1.8 
395 0.0094 95 1.8 0.2 2. 1 0 2.7 31 60 20.6 20.5 +1.8 
400 0.0094 92 2.4 0.4 2.7 0 2.9 32 65 20. 5 20. 4 +0.4 
400 0.0094 93 2. 6 0.5 2.9 0 3.0 33 67 20.6 20.4 +2.0 
410 0.0094 86 3.5 1.3 4.8 0 4.0 35 71 20.4 20.2 -0.4 
410 0.0094 35 5.0 1.3 5.2 0 4.0 32 75 20.4 20.2 +0.5 
420 0.0094 75 6.7 1.9 8.6 1.5 6.0 35 70 20.1 19.8 -0.3 
420 0.0094 71 7.7 2.4 11.7 1.9 8.5 36 68 20-' 0 19.4 +3.7 
415 0.0095 81 5.6 1.5 6.3 4.3 2.5 31 66 20.1 20.0 +1.2 
415 0.0095 80 6. 4 1.9 8. 7 0 4. 6 40 79 20.0 20.0 + I • 6 
425 0.0095 66 8.2 2.6 16.4 0 6.6 47 81 19.5 19.5 -0.2 
425 0.0095 65 9.0 2.7 16.4 0 6.6 47 81 19.5 19.5 -0.3 
440 0.0095 59 10.3 4.0 19.4 0 7.3 47 82 19.2 19.3 +0.5 
440 0.0095 57 10.2 2.8 18.6 0 7.3 49 81 19.2 19.4 -4.1 
450 0.0095 48 13.7 3.3 26.3 0 9.3 50 83 18.8 18.9 +1.9 
450 0.0095 49 13.9 4.7 27.0 0 9.3 49 83 13.8 18.9 +3.9 
460 0.0095 45 14.9 4.1 27.9 2.2 8.2 49 82 13.7 18.8 +2.3 
460. 0.0095 43 14.2 4.9 26.6 2. 1 8.2 49 82 18.7 18.8 - 1.0 
380 0.0095 96 0.9 0.3 2.2 0 1 • 9 40 64 20.5 20.5 +1.3 
380 0.0095 93 1-0 0.3 2.2 0 1.9 40 64 20. 5 20.5 -1 • 6 
395 0.0095 96 1.2 0.3 2.2 0 2.4 35. 61 20.3 20. 5 +2.3 
405 0.0095 92 2. 1 0.7 4.0 0 2. 6 43 70 20.2 20.4 +1.4  
405 0.0095 91 1.9 1. 	1 3.3 0 2. 6 37 71 20.2 20.4 -0.1 
425 0.0095 78 7.1 1.5 8.7 0 5.9 37 75 19.6 19.8 +1.2 
425 0.0095 76 7.3 1.6 2.1 0 6.6 44 76 19.6 19.7 +3.6 
435 0/0095 60 9.4 1.4 16.2 1.3 7.9 44 75 19.2 19.3 -4.3 
435 0.0095 63 10.2 2.4 17.1 1.3 7.9 44 76 19.1 19.3 +1.9 
375 0.0073 97 1.4- 0 1.6 0 2. 1 32 59 20.5 20.6 +24 1 
375 0.0073 95 0.4 0 2.2 0 1.7 51 60 20.5 20.7 -0.7 
385 0.0073 95 1.8 0.5 2. 1 0 2.4 31 64 20.4 20.6 +2.0 
385 0.0073 92 1.3 0.4 2.6 0 2.7 34 64 20.4 20.5 -0.5 
395 0.0073 91 2. 1 0.5 2.9 0 3. 1 34 64 20.4 20.5 -0.4 
395 0.0073 90 2.6 0.6 4. 1 0 3. 1 39 70 20.4 20.5 +0.4 
410 0.0073 87 4. 1 0.9 3. 4 0 5. 5 24 60 20.2 ,- , 20.3 +0.4 
410 0.0073 84 4.7 1.8 5.9 0 5.5 33 69 20.2 20.2 +1.9 
425 0.0073 65 8.5. 2.2 16. 	1 0 9.0 45 75 19.6 19.7 +2.8 
425 0.0073 63 8.7 3.6 17.4 0 9.0 45 77 19.6 19.6 +1.7 
435 0.0073 53 10.9 4.6 23.1 1.4 9.7 47 73 19.4 19.4 +2.7 
435 0.0073 53 12.8 4.1 20.9 1.6 9.6 43 77 19.4 19.4 +2.0 
450 0.0073 48 12.8 3.8 23.3 2.6 10.8 44 75 19.3 19.2 +1.3 
450 0.0073 41 12.5 3.8 24.7 2.6 10.8 45 75 19.2 19.2 -4.6 
465 0.0073 40 14.6 4.6 24.9 2.6 12.0 42 75 19.1 19.1 -1.3 465 0.0073 42 15.8 5.0 28.0 2.8 11.944 77 19.1 19.0 +5.5 
RED INLET OUTLET CONVERSIONS SELECTIVITY EXPT CALC MASS 
TEMP X YLENE XYL 	TIlL PI DE PA MA CO2 PA NC 02 02 BAL 
C M. F. ERROR 
385 0. 005 1 92 1.8 0.6 3.4 0 2.5 41 70 20.5 20.7 +0.3 
385 0.0051 93 1.9 0.7 3.7 0 2. 5 42 72 20.5 20.7 + I • 8 
395 0.0051 88 3.7 0.6 4.3 0 4.0 34 69 20.3 20.6 +0.6 
395 0.0051 88 3.3 0.7 4.7 0 4.0 37 69 20.4 20.6 +0.7 
415 0.0051 80 6.6 1.6 6.0 0 7.4 28 66 20.1 20.3 +1.6 
415 0.0051 74 7.4 2.4 9.3 0 .7. 4 35 72 20.1 20.3 +0.5 
430 0.0051 45 12.5 4.3 27.3 2.1 12.5 46 75 19.6 19.6 +3.7 
430 0.0051 44 11.8 3.8 27.5 2.2 12.5 48 75 19.6 19.6 +1.8 450 0.0051 36 12.1 5.5 26.9 2.9 13.4 44 73 19.4 19.5 -3.2 
450 0.0051 37 13.5 4.4 30.2 2.2 13.7 47 75 19.4 19.5 0 
460 0.0051 34 15.3 5.3 30.7 2.0 13.8 46 76 19.3 19.5 +1.1 
460 0.0051 32 14. 1 4.8 30.9 2. 1 13.8 47 76 19.3 19.5 -3.3 
385 0.0030 85 2.9 1. 	1 4.6 0 6. 4 31 58 20.5 20.7 0 
385 0.0030 87 3.3 2.0 6.6 0 6.4 36 65 20.5 20.6 +5.3 
395 0.0030 79 4.4 1.9 9.3 0 7.0 41 69 20.5 20.6 +1.6 
395 0.0030 80 4.2 2.0 7.7 0 7.0 37 67 20.5 20.6 +0.9 
405 0.0030 78 5. 5 1 • 9 6. 5 0 7. 6 30 65 20.3 20.6 -0.5 405 0.0030 79 5.9 2.1 9.1 0 7.6 37 69 20.4 20.6 +3.7 
420 0.0030 63 8.6 2.8 10.0 3. 1 9. 0 30 64 20.2 20.5 -3.5 
420 0.0030 67 9. 1 2.9 10.6 3.3 8.9 30 65 20.2 20.4 +1.9  
430 0.0030 37 13.6 4.6 26.8 3.1 11.2 44 76 19.9 20.2 -3.7 
435 0.0030 34 15. 5 4.9 29.5 2. 1 14. 6 44 75 20.0 20. 1 +0. 6 435 0.0030 33 1 5. 2 6. 1 30.3 2. 1 14. 6 44 76 20.0 20. 1 +1.3  450 0.0030 26 16.7 5.7 37. 1 4.5 14.7 47 76 19.9 20.0 +2.7 
450 0.0030 24 15.3 5.9 32.0 2.9 15.5 45 74 19.9 20.0 -4.4 465 0.0030 17 17.8 6.5 35.4 4.8 18.8 43 72 19.8 19.8 +0.3 465 0.0030 18 15.6 7.7 34.5 4.7 18.9 42 71 19.8 19.8 -0.6 
385 0.0125 95 1.1 0.4 1.9 0 1.6 39 69 20.5 20.4 0 385 0.0125 96 1.2 0.4 1.9 0 1.6 37 69 20.5 20.4 +1.1, 
400 0.0125 92 1. 	1 0.3 1.5 0 1.8 31 61 20.4 20.4 -3.3 
400 0.0125 95 1.2 0.3 1.8 0 1.8 35 65 20.4 20.4 +0.1 415 C0125 97 2.2 0.7 1.8 0 .525 65 20.3 20.3 +4.2 
I 	) 0. 01 25 4 2. 4 0. 7 2. 	I 0 2. 5 28 67 20. 3 20.3 + 1.7 
430 0.0125 76 7.5 1./i 11.6 0 7.1 42 74 19.3 19.2 +3.6 
430 0.0125 76 7.6 1.8 11.9 0 7.1 42 75 19.3 19.2 +.6 
440 0.0125 69 9.0 2.2 13.9 0 7.6 42 77 19.0 19.0 +1.7 
440 0.0125 70 9.2 2.3 13.8 0 7.6 42 77 19.0 19.0 +2.9 
450 0.0125 62 11.6 2.6 17.2 2.9 6.6 42 77 	. 18.9 18.8 +2.8 
450 0.0125 63 11.6 2.7 15.6 3.1 6.5 40 76 18.9 18.8 +2.5 
465 0.0125 57 13.8 4.7 19.6 3.4 6.9 40 79 18.6 18.5 +5.4 
465 0.0125 57 13.3 3.7 18.2 3.5 6.8 40 77 18.6 18.6 +2.5 
BED INLET 	OUTLET CONVERSIONS 	 SELECTIVITY 	EXPT CALC MASS 
tEMP NYLENE XYL TflL PIDE PA 	MA CO2 PA 	NC 	02 	02 	BAL 
C 	M. F. 	 Z 	7. 	7. % 	% 	% 7. 7. ERROR 
DILUTION RATIO = 3.1:1 BY WEIGHT 
WEIGHT OF CATALYST = 258 GM 
370 0.0014 69 9.2 3.4 13.3 0 8.8 38 75 20.6 20.8 +2.7 
370 0.0014 60 9.9 4.2 17.0 0 8.8 43 78 20.6 20.7 -0.1 
375 0.0014 56 1 	1. 	1 3.8 19.6 0 10.0 43 76 20.6 20.7 +0.5 
380 0.0014 47 12.2 6.2 21.7 0 13.8 40 74 20.5 20.6 +0.9 
380 0.0014 45 10.8 5.8 19. 	1 0 13.8 39 72 20. 5 20.7 -5. 5. 
385 0.0014 36 13.6 6.6 28.3 0.5 16.3 43 74 20.4 20.6 +2.3 
385 0.0014 37 13.2 7.2 26.5 0.5 16.3 42 74 20.4 20.6 +0.7 
395 0.0014 22 16.0 7.9 36.5 1.4 16.8 46 77 20.4 20.5 +0.6 
395 0.0014 23 13.8 6.8 32.7 1.2 17.8 45 74 20.3 20.5 -4.7 
400 0.0014 11 15.4 7.7 45.4 3.1 17.8 51 77 20.4 20.5 +0.4 
400 0.0014 9 13.5 7.3 48.3 2.8 17.9 54 77 20.4 20.4 -1.2 
415 0.0014 2 7.2 5.0 59.9 4.8 18.7 63 75 20.3 20.4 -2.4 
N'0 ,N-<INETIC RUNS USING DILUTED BEDS IN 2.5 CMS DIAMETER REACTOR 
FBT INLET 	OUTLET CONVERSIONS 	 SELECTIVITY 	EXPT CALC MASS 
C 	XYLENE XYL TLJL PIDE PA 	MA CO2 PA 	}-C 	02 	02 	BAL 
M.F. 	 % 	 % 	% ERROR 
DILUTION RATIO = 3.1:1 BY WEIGHT 
WEIGHT OF CATALYST = 258 GM 
435 0.0015 1 2.4 1.7 70.0 7.3 17.5 71 75 19.9 20.3 -0.1 
435 0.0015 1 2.3 1.7 66.0 6.7 17.8 70 74 19.9 20.3 -4.6 
450 0.0015 1 1.7 1.5 71.0 9.4 16.4 71 74 20.0 20.3 +1.0 
450 0.0015 0 1.3 1.4 68.0 10.5 17.7 69 72 20.0 20.3 -0.4 
472 0.0015 1 3.0 1.9 58.9 15.8 20.6 59 64 20.0 20.3 +1.2 
474 0.0015 1 3.2 1.8 60.9 13.8 21.6 60 63 20.0 20.3 +2.3 
417 0.0103 7 7.8 2.9 63.4 6.9 13.1 67 79 16.7 16.8 +1.1 
417 0.0103 7 6.8 3.2 59.1 5.4 13.8 67 78 16.7 17.0 -4.7 
437 0.0103 2 2.8 1.9 73.7 8.0 15.6 72 77 16.1 16.2 +5.0 
438 0.0103 1 2.8 1.9 75.7 7.8 15.7 74 77 16.1 16.2 +3.9 
384 0.0106 75 5.9 2. 1 7.7 0 3.8 40 80 19.8 20.0 -5.5 
389 0.0106 77 7.4 1.7 8.0 0 4.8 37 78 19.6 19.9 -1.1 
408 0.0106 8 7.3 2.5 68.7 6.2 13.0 70 80 16.7 16.6 +5.7 
447 0.0101 1 1.9 1.5 73.8 9.4 17.2 71 7L4 16.0 16.0 +4.8 
0.0102 2 1.2 1.0 60.0 19.1 18.2 60 63 15.5 '15.6 +1.5 
476 0.0102 2 1.8 1.1 63.9 12.9 23.2 62 65 15.2 15.4 +4.9 
476 0.0102 1 1.2 0.8 58.2 11.8 23.7 60 63 15.3 15.6 -3.3 
DILUTION RATIO = 13: 1 BY WEIGHT 
WEIGHT OF CATALYST = 64 GM 
484 0. 0095 25 i 6.2 5.6 2%. s :3.7 i s. ' 11 73 17.9 17.9 -5.4 
4/i 0.0095 27 17.6 6. 29.7 3.9 15.2 40 74 17.9 17.9 +0.3 
'i70 0.0095 38 16.5 5.! 25,0 2.7 10.5 40 77 18.5 1.6 -2.2 
470 0.0095 38 15.9 5.7 23.6 2.8 10.5 40 77 18.5 18.6 -3.5 
459 0.0095 32 15.8 5.1 32.9 2.7 10.5 49 80 18.4 18.4 -1.0 
459 0.' 0095 34 15.0 5.0 32.0 2.8 10.4 49 80 18.4 18.4 -0.8 
157. 
NOMENCLATURE 
a,A 	 Rate constant in Langmuir HinshelwoOd 
Model (kmoles hr atm 1kgcat 1 ) 
b,B 	 Rate constant in Langmuir Hinsheiwood 
Model (atm) 
C 	 Rate constant (kmoles hrkgcat) 
Specific heat (kcal kgOC) 
dp 	 Catalyst pell at diameter (in) 
Reactor tube diameter (in) 
D 	 Diffusivity (m2hr 1 ) 
E 	 Activation Energy (kcal kxnole) 
G 	 Gas mass velocity (kgbrm 2 ) 
Gin 	 Gas mole velocity (kmcle hr
-1  m-2 ) 
hi 	 Interphase heat transfer coefficient 
(kcal hr- 1 M-2 Ofl ) 
CAT 
(-AH) 	 Heat of reaction (kcal kmo1e) 
jD 	
t factor for mass transfer 
jH 	
tjt factor for heat transfer 
k 	 First order rate constant (kmole 
-1 	-1 	-1 hr atm kgcat ) 
k 	 Radial effective'mass' diffusivity 
(kmole hrmatm) 
ke,am 	 Axial effective' mass diffusivity 
' (kmole hrrnatm) 
158. 
kg 	 Intërphase'mass' transfer coefficient 
(kmole hr m CAT atm) 
ks 	 Thermal conductivity of catalyst pellet 
K 	 Adsorption equilibrium constant (atm) 














Number of radial increments 
Axial increment counter 
Number of axial increments 
Inlet o-zylene mole fraction 
Bulk reactant partial pressure (atm) 
Catalyst surface reactant partial pressure 
(atm) 
Oxygen partial pressure (atm) 
System total pressure (atm) 
Radial co-ordinate (in) 
Radial increment 
Reaction rate (kmole hr kgcat
-1 
 ) 
Reactor tube radius (m) 
Ratio of % 02 in chromatograph sample 
to % 02 in reactor exit gas 
Log (Pre-exponential factor) 
Bulk fluid temperature ( °C) 
° Reactor inlet temperature (C) 
159. 
Catalyst surface temperature ( °C) 
Tail 	 Temperature at external reactor wall 
( °C) 
U 	 Catalyst bed overall--heat transfer 
coefficient (kcal hrm2 OC_lo) 
W 
	 Catalyst weight (kg) 
X Fractional conversion 
XB Fractional conversion in bulk fluid 
KS Fractional conversion on catalyst surface 
Z' Axial co-ordinate (m) 
AZ Axial increment 
0. 	Co. Wail heat transfer coefficient 
(kcal hr 	m2 OC_i) 
A Axial effective thermal conductivity 
(kcal hr 	m' °C) 
X 	'r Radial effective thermal 
conductivity 
Rt 
-1 	-1 0 -1 (kcal hr in C 
Xg 	 Thermal conductivity of bulk fluid 
(kcal hr 1 m °C) 
e 	 Fluid density (kg.m 3 ) 
Bed voidage 
Effectiveness factor 
Fraction of catalyst in oxidised state 
Parameters of Kunii1 and Smith, page(#-) 
Catalyst bulk density (kgm3) 
160. 
System total pressure (atm) 
Nu 	 Nusselt Number 
Pr 	 Prandtl Number 
Pe 	 Peclet Number for Axial Heat Transport ah 
Pe 	 Peclet Number for Axial Mass Transportam 
Pe hr Peclet Number for Radial Heat Transport 
Pemr 	 Peclet Number for Radial Mass Transport 
Re 	 Reynolds Number 
Sc 	 Schmidt Number 
161. 
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